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I.

REASON FOR DISCUSSION

A.

Why do we want to diecuas o1t talk about this equipment?
1. It is one of the mnstlneglected pieces of‘equipment«infd
| “unit. H
2. It is usually a piece of equipment purchased et the leest
cost 1tem which probahly means the nost tightly designed
'piece of‘equipment.
3. It is the only place in the unit where there ere exposed
yfires used to proceas flammable fluids.
§. 'It usually is pushed to over design during operation without
operator knowledge thet this 13 occurring.
S;t‘Operetor judgements may or may not be bad hut these happenings
ere~usue11y the result of errors.
6.~'When the above happens the results can he disasterous: and
typical examples of these occurrences are heun ‘'on F*gu"o 1,
2, 3, 4,»5, 6, etct*
Figure la, 1b, lc
This heater is a two service heater i.e. Charge service and a
Reboiler service. The heatér also has an air preheat systemr:
(Description ef this heater operation not -written.)
The fire started when tube nc. ‘14 (hip" ‘section) of n~32 (Rehcller)

S*Ihe liquid érained oL to the

ruptured, Fig. la, during e statt-up.

floor from the conwection zone and ‘into’the: common air ducting

«vhich caused the fire ‘to cpread unde’ne&-h and-over the whole heeter.

stacks and forced-air syetem.\ The heater was. famaged eoaent‘al

from an explosion after the tube fail C2's’ The fire demegcs vece

sinimal.




The fractionator reboiler heater;eﬂ—ﬂz, had never been used

- alome.

It is apparent that soon after the unit wae commissioned, the
>; operating group may haoe assumed'that the B—Hiiﬁns too 1arge,
due to an over-s;ght of the duty of the convection tubes. ' Conse-
quently, in future start-up 8, the reboiler radiant eection wmay
not have been fired together vith the reactor chatge section of
-the heater. Thus the possible contaminated condensate in the
cooler H-H2 parallel radiant coil tubes vaporized .in the 2zones
.shown on sketch no. la, from the hot flue gaees,of the reactor
-charge coils section.

b Inhe wall thinning was definitely on the inside. Note sketch.
no. la “Section BB". Externally,vthe.tubes indicated that they
‘had never been exposed to.excessive teﬁperatures.

I+ wae obvious that the corroced/eroded surface was caused by
vnpors contaminated with traces oflchlorides whlch was heing‘in-
‘flnenced by the flue gas temperatures from’the reactor chnrge
?oection of the heater. vAs mentionedkabove;'ththbbends were not
;;ttached.

Tube material was inferior 1n'onnlity nnkinghit most snoceptible:
:to even weak corroslve environmento of thio nature.

The unit is about 7 yenrc‘old-end at each shut-down it is com-
pletely steamed-out. By means of a flow sheet of the unit it was
.ohown how onall traces. of chloride could reach the H-H2 coils from
ﬂthe otripper column, 1f thc unit was not properly water. flrshed and
drained before each otart-up.,;tigures 1b and?lc‘nre thexrcuults.of
this occurrence. Delay in :eturning theinnlt¢tokopcrntlon}will be

sbcrt one year.




C.

D.

.

- Ge

E.

Figure 2

A typical aftermath of a heater firebox explosion. Leaking fuel
gns valves allowed an explosive build-up of gas during the purging
period. The operator's torch caused ignition while still three
{feet avay from the firebox.
‘Figure 3
f%fA typieal common breeching situation. A fire which originated
1p the center heater damaged both of the others and seperely
deneged the common stack.
?igure 4

One tesult of congestion - Note the final ‘resting place of the
toppled heater stack inpaled on the small tower.
_figure 5

p.The result of a tube failure in the convection section which

ls 1neccessible for inspection.
Figure 6a, 6b, 6c, 6d, 6e, 6£,‘63 are the results of-a tube rupture
at high pressure with back flow resultipg igferosion of'the ex-
terfor elbow. This caused most of the external danagel The firevp
1; the heater was contained:ih fhe heater.
Pigure 7a, 7b, 7c, 7d, Te

Agein results of a tube rupture and the results turned out to

‘be spectacular. The major fire was contained in the firebox end
: only tﬁe tube bank needed replacement.

Theee are just a few of the occutencies that ‘happen with this equip-

faent and 1t lhaws that more attention to the equipnent and bettei. equip-

ment - should be considered - in vour units.




There are many more happenings that could be discussed but time is
limited and we must go on.
I1. HEATER NOMANCLATURE
.Pigures 8 ;hropgh 13 describe roughly the nomeclature used by fur-
iac@ or heater desigﬁgts.~ ?heae are just a couple,ofkéamples but will
jgi'v?you an idea as to what the terms mean and location of the ftems
-6‘nangd,
III. EEATER CLASSIFICATION-
A. By Service N
il.:gnoaﬁecbmposition
-&. . Atmospheric distillation
b. Vacuum distillation
g; Cﬁtglytic processes
i(ij Hydrodesulfurization
(2) Catalytic cracking
(3) Catalytic reforming
(4) Other ﬁﬂgé;ocrggkiﬁg,;Steamdmethhﬁg,’Styrene;};tc.)
d. Reboilers
.. _Miscellaneous
2. Partial conversion .
€. .Thermal crackingw_
(1) Single coil
(2) Selective
vﬁ...Cdntingoug coking
3. Totai7conversion
a. Thermal reforming

b. Viscosity breaking
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c. Pyrolytic cracking
(l)ﬂ'bight hydrocarbons

4. Combined duties in a single heater
-'Be Classification aa to Type
‘1. By predominate heat transfer means

B Conveetion |

"be. Radiant

e."nadiant - Convection

2. . By general arrangement

a. Box
}b. Cellular
Coe Circuiar

FUNCTION OF HEATER
l. General
.Hoat refining processes requireaaaaource of heat to raise the
temperature of the streams to be processed so that the proper pro-
tesainé function can be acconplished;}KWith‘the more thorough and
;ophiaticated processing more attention has developed in design of
the equipment.
Petroleum heaters can be divided?intofthreevnain groups, eccor-
ding to the amount of decomposition obtained
1. Beaters used for heating only with 1itt1e or no deco.poaition.
2. Heaters where in addition to the heating. substantially all of
‘the deeonpoaition desired for the refining proceaa is obtained
‘in tbe heater.. |
‘3. Eeatera vhere only partial deconpoaition 1e obtained in the
heater, with the remainder -of - the- reaction being carried out
ir the 1eaction chambers or soaking drums, usually not heated

eiternally.




X.

Heaters of the first group are designed to obtain minimum time-
temperature effect with the maximum temperature employed and are
used for non-destructive distillation where no chemical change of
the overhead and residual products is desired, such as topping,
atmospheric or vacuum distillation, rerunning, etc.

- —-

 Heaters of the second group ‘are designed to give maximum tine-

-temperature effect at the highest operating temperature employed :

and are used with cracking units for the 1ighter overhead stocks

vhere no reaction chamber isremployed.‘ These heaters are nsuallyy

~#80 designed that the heating surface nearest the heater outlet is

-subjected to lower rates of heat input than the rest of the tube

‘bank to provide a reaction or "soaking" section in the heater,
ahere very little or no increase in temperature is obtained
“Heaters of the third group are the most difficult to design,‘
"particulsrly for residual cracking stocks which are highly sensi-
“tive to thermal treatment. These heaters must be designed for a

time—tempera*ure effect that will pernmit: highest coil outlet tem-

xperatures, snd»consequently highest reaction chambervtemperatures

zo assure effective operation of the chamber, without excessireail

-~decomposition and the resultant coke deposition in'thewcoil.

Ristorical Development

1hc~earliest‘heaters.for petroleun refining consisted of cylic-
drical shells set over a firebox, with the lower portion of the
eylinderxahsorhing heat from the flame, the refractories and the
productavof,combustion that swept the lower rear portion or the

shell on their way to the stack.




Because of a large volume of oil per unit of heat-absorbing
surface and low velocities with whieh\thefsutface was washed by
the oil being heated, shellyheaters’ye:e<lim1ted to.low rates of
ﬁeat input. The permissible‘maximum“ﬁee deterﬁined”by the rate of
free convection or convectien~1ndueeahb§ steam jete within the
body of the oil, which even with boiling fluids was too 1ow to
permit rates much in excess of 3, 000 B t.u. per square foot per
hour without over-heating the oil in contact with the heatedgj.
portion of the shell.

cbke deposition and burning out of*still bottoms almost in-
variably followed attempts to force shell.heaters much above
these rates. The addition of internal flues to shell heaters ‘
to simulate a fire tube boiler matetially improved\their\operaf'f
tion and increased thelr capacity. However, shell heaters were. .
'ftimarily batch heaters, and continuous operation, which gradually
dieplaced batch operation in the larger refineries, could be
accomplished with them only by operating'afbattetyfofishell heaters
'15 series, each shell operatlng at?eﬁslightly higher*temtetatgte .
than its predecessor in the series.: Wlth leréetscale opetatioﬁ-in
.one fields, batteries of shell heaters became too cumbersome k

Conparatively successful application of tubular heaters on a -
‘small scale for dehydretion and re‘ining of emulsified oils 1ed to
‘the gradual.gdoption of tubular heaterS“for general refining pur-
pocesvand.eventual substitution of shell heaters by tubularfheaters
for‘large-ecale refininé-operationsf

lhe'inttedection of cracking, which called for heaters that
‘could withstand higher‘pteeeures endﬁhigher metal“temperatutee than

could be withstood by'an extereally‘heated shell; contyibuted greatly




-to the development of‘tubular_heaters and definitely demonstrated
their superiority over ;hg,shellégype,g

Ihe earlier tubular'heaégrs varied little in their settiﬁg from'
;helllheaters, the_naing;fferenge‘being that the shellkwus dis-
pliéed by & bank of tubes placed over the firebox. Howevef;‘since
;‘definite velocity was 1mpar:gd.tp?§he bilfbj:pgnping in centinu-
-oﬁblj through_the tube bank and,thé;iatio o%;hééting surfééé to
;blume was greaﬁlyﬁincreased, avéragg rateégofnﬁ,Q00=- §,06673.t.u¢
per.hbur,per square foot ﬁerg¢obtained withqut7par§icular‘difficul-
ties in the early tubular heaters in'spitg of the normallyépéesent |
idnes%of local ove:—heating,vo:<ﬁh§§;qugg"‘ihggqmé’segtioﬁéfOI’“
the - tubes -directly overkthe fires yith actqai r#tes of 15,600 -
.20,000 B.ﬁ.u. per square foot. -
| Ah‘the average rates of heat_inpgt and the oil temperatures were
i;éreased, the hot spots became more pronounced and trogﬁ;éé were
encountered with failure of tubes in these hot spots, particularly
iﬁ;heatérs, where counter-current flow of oil and gases ﬁas intended.
Iﬁé»troubleé were first attributed to radiation from the flames in
the firebox, énd a number of tubular heaters were built'wi;h the
vfuﬁe bank separated from the firebox by solid or perforated walls
Eo-protect the tubes from this radiation. . Because of mp:e;uniforn
heat distribution, greater gvggage§fatgs1p£>heat input were obtained
in these heaters thanminrheatersbwh;fe the tube bank was directly

over the fires in the combustion chamber, but it was soon found

that even with the bank ghig}ded;f:g@;ghe"viéibie.flamgq;5£he tubes .
first coming in contact with the invisible products of combustion
became easily oveg-héa:ed-ugless the gas- temperature was reduced

below a certain minimum for the operation. carried out.




Reduction of the temperature of the gases entering the tube bank
vas :ﬁ@‘ﬁéx: step in the development ofntobclar heaters. This was
dooe in two different wvays. In the eoécalled "convection" heaters,
uhere only "£luid" heat from gases flowing over the tubea was used,
the products of combustion were diluted first with excess air and
later with returned or recirculated flue gases, to obtain the de-
oired;tenperature of the gasea‘enteriag theftube bank or the
hbeating chamber".

in other heaters, "radiant" tubes were installed in the combus-"
tion chamber to cool the products of combustion by absorbing radiant

- heat from the flame, the gases and the refractories-ofkthe combus—
‘tion chamber before the gases entered the "main" or" coavection"
bank of the heater, which was ‘intended to aupply the major portion »
of the total heat, and which was usually separated by a bridge wall
tron the combustion chamberr Particularfcere was taken 1n.these
beaters'to place the "radiant" tubes oot'of:the pathrof the products
of combustion. To reduce the rates of heat input which would be d
lbrorbed by the relatively small number of tubes that vere aubjected
to the full radiation in the combustion chamber, the tubes were ’
nhielded from this radiation by surrounding either the tubes or the
flames with refractory enclosures, which cut these rates approximately
ic two.”

| High iiaintenance and operating costs of flue gas recirculating
equipment and frequemst failures of the‘eocloourea around the tubea
or thevflame, together with conparativclyboatiofactory operation of
gg.; open-flame "radiant" heaters vithout-tlue gas recirculation and

without shielding either the tubes or the flame, led to the gradual
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abandonment of the flue gas recirculating and the shielded "radiant
tubef heatersisnd their substitutionjwith.the opeu-flane‘type.

Improvement in heat generationkand’gistribution and better under-
standing of the laws of radiant and‘oonveotion‘beat transfer, greatly
contributed to the development of open-flane hesters and their al-
most universslyadoptionrfor oil refining.,:The proportionhof radiant
heat input‘has been graiually increased from 25 per centjof the total
in the early heaters to as high ss,SO perwcentbof the total inAthe’
latest designs.

lFig. 14s A & B shows a flue gas‘recirculating heater of an early
type uidely;used in petroleum refining. Inkthis,heater the fresh
products of combustion generated innthe'conbustion chamber are mixed
yith flue éases withdrswn from the flue to the stnck by.neans of a
flue gas recirculating fan, and distributed aiong'the iength of the
heater through openings in a distributing duct: E

Mechanical problems with this styie of heater were numerous.
There are other styles of flue gas tecirculation systems that vere .
used_but timefdoes not permit diseussionf

Fig. l4a B shows an early shielded radiant heat oil hesater in
which a roof bank was installed to absorb sufficient radiant heat
from the produots:of combustion beforehtheyienter the "mauin" or the
convection bank of the heater, to permit their safe use iu this bsnk
uithout‘flue _gas recirculation or high amounts of excess air. To
protect the relatively small number of the tubes in the roof bank
from the full radiation in the" combustion[chamber, the portion of
the tubes over the combustion chamber where radiation wns the most
intense was covered with ceramic enclosures. Csst-iron_enclosures

were used or the portior over the rain bank where rzdiatior was




comparatively low. Comparatively high amounts of excess air (100 -
150 percent) had to be uaed in this heater to reduce the temperature
of the gases entering the main bank, when the heater was operated

at high enough capacities effectively to utilize all of the surfaces
1afthe main bank.

Fig. l4a, C shows another type of an early shielded radiant heat
0il heater where shielding enclosares or "muffles" were placed
aound the flames and the products of combustion to protect from
direct radiation the comparatively small amount of radiant heat-
absorbing surface used. Because of the high temperature to which
the enclosures were subjected and to obtainfcomparatively high rates
qf heat transfer through these enclosures to the radiant tabes, car—l
'barundum was used for the enclosures. The heater was intended for
’operation with low excess air to ohtainwhigh flahe-burst tempera-
tures and the highest radiation threugh the carhorundum.

. Mg. 14b, D shows an early opeh flame radient heat oil heater
with a much larger combustion chamber than that of the heater shown
1h,F;g. l4a, A, and with approximately_oneehalffof the total tube
bank located along the roof of the combustion chamber to permit the
‘use of bare radiant heating thhesvand‘opeh fiames.

Fig. 14b, E shows an open flame heater with radiant heat-absorb-
‘+ing tubes along the roof and at ieast:two walls of the cemhustion |
chamber.

:!ig; 14b, F shows a partiall&fahielded flame heater where the
suffles shield only a small portion of the! flames and act.hrre for
ﬁroneting and compietihg combustion than as shields between the
‘flahea and the tubes. Approximately 75 percent of the total sur-

£ ~o i= exposed to radiation and:the flcorreAdithe back walls of the
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heater, in addition to the roof, are covered with' tubes.
‘ Fig. 14b, G shows an early down-draft heater consisting of a
‘vertical cylindrical section with the tubes placed along the whole
circumference of this section, a secondary horizontal cylindrical
aection with tubes located along the lower half of this sectionm,
and a<convection section. No air preheater was generally used.
‘The later design down~draft heaters consist onlyfcf a vertical.cylin-
drical sectioa and an air preheater.

Fig. l4c, H shows an updraft heater of the same general type as
‘Pig. 14b, G. The convection sectiou:uhen usedvis’very small, and
an alloy air preheater is usually eublcyedeto reducerthe teuperature
of the gasee going to the stack.

The heaters shown on Figs. l4a, B to l4c, H inclusive represent
the ccmplete‘range of proportions offrauiant heat;absorb;ngbsur-
face to total eurface used. The heaters shown cu¢Fig. 14a, B&C
have:too little radiant heat-absorbiag aurface,vsc that shieiding
of~the surface wae required to prctect{these tubes from exceeeive
rates, overheating of the tubes, coke'depositiourin‘the tubee'and
theiraeventual burning out. The heater suown on l4c, H hasAtoo much
radiant heat-absorbing surface in proportion to the furnace envelope,
with the result that the effectiveness of the surface is comparatively
low, unless the gaaes are made to wash the upper portion of the tubes
to supply an appreciab1e ampunt ofepurely convection heat to these
tubes.

?ié; 14c, I shows a heater with approximately 50 per cent.of the
totalﬁheat-abaorbing surface located'alcng the roof and the:rloor
‘of the combustion chamber. The tube banks in the combustion cham-

‘ter form approxinately‘tvo-fiftha of the area of the furnace envelope.
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With single rows.of tubes used in the combustion chamber,’the‘opti-
th effectiveness of the circumferential area of tubes irradiated
from one side is obtained. As a general rule, the floor tubes of
Athe’heater are the tubes of the highest rates of heat input.

ﬂeaters shown previous to Fig. l4c, I, bhad fixed'heat distribu—
tions and were rather inflexible as to a change in the type of ser-
vice it was to perform i.e. design strictly for a certain process
loperation.
- The heater on Fig. l4c, I can be operated to obtain a limited con-
:trol changing the character of the flame and therefore the relative
'rates of heat input into the convection section, the roof tubes and
the floor tubes of the heater. The burners fire through three com-
partmentﬁfiring tunnels, of which the center tunmel F is the firing
tunnel proper and the upper and lover tunnels A a;& B are for ‘admis-
aion of secondary air to the fuel after its ignition in tunnel F.
With:-all the air passing through compartment F as primary air, and
short non-luminous flames, the rates'of‘heat inputvinto the floor
tutes and the roof tubes near the firing wall are proportionally
.lower, and the rates of heat input into the convection section and
the roof tubes over the bridge wall and near the back wall of the
‘heater are proportionally higher than if only a portion of the air
is sent through compartment F and the rest of the air used as secon-
’dary air through compartments A and B to produce luminous flames.
-~ Restricting the flow of air through compartment F .and admitting
'a'large"portion of the air_as.secondary through compartment A, pro-

duces semi-luminous flames with a hotter face toward the floor
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tnhes. Admitting the'secondary air through compartment B gives a
semi-luminous flame with a hotter face toward the rooi_tubes.‘ |
fig. l4c, J shows an updraft rectangular heater in ehich the
radiant heat absorbing surface is located'along the roof and the.u
.eide eall of the heater, eith the tubes in the roof subject to;both.
radiant heat and fluid heat from the gaseeipassing to the convection
section. Special tile is placed over the\top row of the roof tubes
vto act as diatributing baffles and to'direct the gases at high‘ ’
velocities along the shielded faces of these tubes, so as to impart
a high convection component to the shielded faces and partially -
equalize the heat pickup along the circumference of the top row of
the roof tubes. The parallel flow arrangenent is used for large
,capacities. Series flow arrangement is shown by the dashed lines,
hy»changing the type and rate of firing of the two sets of bur-
mers in the combustion chamber a widerléariations‘canibe obtained:
'in this heater than in the heater shown on Fig. 14c, I. If a sepa-
‘rating wall is installed in thie heater, as shown: in dotted lines,
to divide the combustion chamber into practically two separate conm-
partments a wide range of heating curves may ‘be obtained in this 3
heater. Because of the relative flexibility of firing, thigutype‘of
,heater once installed may berueed without;changee'for a wider range
.of charging stocks that the heaters ahown on Figs. 14a; B = 1lb4e, I
inclusive, since the heating curve in this heater may be changed to
obtain the desired time-temperature effect for the stock processed.
- Hg. 14c, K shows a 2-compartment heater often referred to as the

.double end-fired‘heater.Viln\this heater the two combustion chambers
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are completely separated and the floor and roof tubes of one cham-
ber function wholly independent of those in the other chamber, pro-'
Qiding more definite control of the heating curve than that which‘:
tbﬁld be obtained in:the heater shown on Fig. l4a, B - lbc, J.

This heater is ﬁsed with eithef'parallel flow, as shown 1n solid
lines, for processing two streams of oil, or“withka single flow in
Qaries through both compartments, as shown in dotted lines.

Inithe early 1930's, UOP developed the Equiflux Heater. This
development basically was due to overcome all thevdeficienciés off
the earlier box type heaters. iﬁ was and still is the best heater
fbf‘the_services of that day, namely, tﬁérmalbcracking and waé de-
veloped for that service. Controlability of~the heatingiﬁurve was
the main reason for its use; the ohe drawback was the cost of the
.héatef as it did indeed cost mo£e~than the bq: t&pe. This heater
il shown as Fig. 15. The first designs were th§ down-fired as shown
in'15A & B. Later in the 1930's, the updraft type, Fig. 15C was
deiigned.

The cellular structure of the heaters permits the use of any num-
ber of streams with each stream subjected to -the optimm thermal
treatment. The cellular structure also permits maintaining the
bpfinum dimensional relationship of the heater structure for the
‘bcct.gas hydraulics within the structure irrespective of the total
heat requirements of the process.

The radiant tubes vere spaced farther apart than 1n-o;her types
of heaters. The radiant tube spacing for other types of heaters was
usually twice the tube outside diameter. ‘Théuﬁqdiflux Heater spaced

radient tubes on 2.6 dfameters. The radiant tubes were also placed




in the middle of the firebox. This combination of wider tube spacing
and a location in the center of the firing zone allowed the tubes

to receive almost equal radiation around the whole circumference of
the tube and hence the name, "Equiflux". There is only about 5%
variation in heat ihput rates between the radiant tubes at the top
of the furnace and thdsevat the bottdm the box type heater had about
20Z variation in radiant rates.

When thermal cracking black oil, the Equiflux radiant tubes were
ulﬁhll& designed for 15,000 Btu/Hour/external exposed sq. ft. of
surface.

The Equiflux type of heater cost more than other types of.heaters
Uf‘dimilar size. The refractory (brick work) was not prqtpcted by
tubes like the walls in the box type heater. Since the radiant
tubes were on wider than normal spacing. less radiant surface could
be installed in a ‘given combustion space in spi*e of the fact that
jhe allowable radiant heat input rates were higher. The tube sup-
pofts had to be high nickel alloy and the walls had to be super-

-refractory firebrick.

In about 1936, Figure 16, UOP built the center wall updraft
“helter and shortly thereafter, the first updraft without a center
wall was installed. This has many features which have becn changed
from the original centerwall.

The average radiant rates in the center wall updr: ft heater were

‘asually 11,000 - 11,500 Btu/Hour/external exposed sq. ft. and 10,000 -
10,500 in the heater without the center wall. These floor fired

types were good heaters when gas was fired but not so good for oil
Tiring. This 1s one of the reasons why the updraft heater without

Yhe center wall was desfgned, Fig. 17. It could be fired from the
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ends horizontally or vertically from floor. UOP then built a side
fired center uall updraft heater and made it wider tﬁan previously.
The two heaters shown above were about 10'-69~w1de.‘ The side fired
heater was about 19 ft. wide end was built in abour 1955. |
Aa:In about 1945, Petrocheu built a cireuiar”heater vith verticai
tubes. There was a previous heater designed by Sinclair Ref. Co.
called the "De Florez Heater" but Sinclair was about the only re-
finer who used a circular heater in thermal cracking service.k The
Petroche- heater was rarely used for thermal cracking aervice.f:Ir
’uns primarily used for Crude, Vacuum and Reboiler heaters. It w£;
cheaper than most heaters, took up 1ess apace, but was Iess efficient
thermally. The early models had fins on the upper section of the~l7
tubes and used a cone to increase the riuelgae velecity.

,Tpe average heat rates in crude service were about 10,000 Btu/
‘Bour/Sq.Ft. The center wall updraft in crude servicc used 11,500 -
12,000 ﬁtu/Hour/Sq.Ft.

In about 1960, Phillips Pet. Co. builr the "Selas Heater . It
1ooks sinilar in ehape and tube bank arrangement to the UoP updraft
Equiflux. It had gas burners arranged on each side wall to contrel
the shape of the heating curve.

'The above and the better heaters are shown as Figure 18. They
nay be called the éollowing although the names ere notdstaudardized:
A. End Fired down;convection,'

‘B. iarge douBle cell boxetyue
c.,'Separate-convecrion (Lumuue)
D. A-frame (Kellogg)

E. Double upfired centerwall (UOP)
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F. Floor fired horizontal (BORN)
G AEquiflgx'downfired (UOP)
H. Circular (De Florez)
J. 1Isoflow (Petrochem)
XK. Isoflow (Intregal tube)(Petroche?Z
L. gadianc wall (Selas)
‘M. Invcrted wicket (UOP)
There are other shapes but thia is only to give a rough idea
of availability.
Although all of the st#lls of Fig. 18 are useful for many}sci-v
vicca, thcre are certain features in which,each excels or may.be‘

deficient.

1. rlame Impingement. Too large a flame can cause 1mp1ngemcnt or
overheating of certain tubes in nearly all of the stills, but
tubes that are vulnerable are thosejjust above the_bridgewall.in
(l) down-convection, and the lowest tubes of (E) double-upfired
cecterwall or (F) straight-up. *he di‘ficulty disappears in ;
ltills (F) and ‘(E) when the capacity is large, 1. e., the stills
cen be wider. Note the black tubes in Fig. 18.

2. n&: Tubes. The rate of heat absorption tends to be high at the
entrance to thc coavecticn section because heat is dclivercd;by
both radiation and convection (black tubes in type (3), (B), (D),
(B, and (P) The feed, because it is cooler, is somet:imec in-
troduced through the tubes (a screen bank), and in some instaaccs
stean is supe:hcacedkor'water is hected in che,acrcen bank. Like-
wise, thertubes situated cloacst to’tye flame recc;ve the la:gcst

anounc'cf- heat (Black tubes iz (E), (¥), (E), (K), and (M)..
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0il Firing. O0il fuel tends-to produce larger flames especially
beeause larger burners”ere used.' Stills)(A); (B), (C); and (D)
,ere‘Best suited for oil firing although the larger sieestof the
bt;er stills encounter little difficulty.

Heat Distribution. One,phase of poor heat distribution has been

hentiohed in item (2) above, but in sdditionethe rate qf‘heatinsz
varies widely in different parts of the SOxes or'cavities of such
stills as (A) and (B), aithough most ef,the«ether vertical stills
can attain a fairly uniform distribution'of‘Heat.

Two?coil Heating. Still (A) is not sﬁited for two-coil flow al-

though by experiment it is possible to use it for two streams.
Symmetrical two-coil arrangements can be devised for most of the
other stills, but if a different rate of heat -input is needed

in eeeh coil, the stills with a center bridgewall are‘most effec-
tive.

Control of Rates. Stills (G) esd (L) are eﬁiheetly suitable for

process control of the rate of heat input aed.for operstidn at
exceedingly high (1000 to 1500°F) temperatures. Very iew‘rates
of heat absorption can be attained in the circular types (H), (J),
and (K); and in other types if enough radiant surface is provided.
ngacitz. Stills (A) (), (G) x), and (L) ean be built for
the lowest capacities, and types (B), (C)i (D), and (E)fere best

suited for large capacities.

‘Stacks. Stills (A), (B), (C), and (G) require tall stacks, but

scarcely any stack (except to release the gas at a high level)
is needed with the other stills Beceuse'the hot furnace itself
produces a draft.

Type M is well suited for extremely low prescure drops.
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Air preheat is indicated in Fig. 18-H (DeFlorez), and it can be
employed in any still that is mechanically tight from gas leakage.
The recirculation of flue gas through the combustion chamber by-
means of a fan is not indicatedwin any of the stills. The flueigas
‘is reheated by the flame, causing a lower flame temperature and thus
a milder radiation rate. At the same ‘time the convection-section
duty is increased, and a 1arger';convection»section nust be provided.
Thus, flue-gas recirculation ia particularly suited to the older
convection~type stills. When-it is necessary to alter or regulate
the rate of radiant‘absorption, no nethodéother than flue gas re-
circulation is available except such expensive methods ‘as the use of
large amounts of excess air, reduction in capacity, or possibly to
obtain a fuel which radiates less. Flue-gas-recirculation stills
vere widely used during the development of thermal cracking pro-'
cesses; but, now the engineers know how to design stills for specif
fic radiant-absorption rates recirculation stills are no longer ine
stalled.

JIDERATIONS IN HEATER DESIGN
General

The fired heaters are basically large heat exchangers. The heat
input is provided by burning fuel, usually gas or oil in the com-
bustion chambers. Heat is transferred from the hot gas to the
fluid contained in.tubes. As with any heat exchenger, the ratingp
involves a heat:balance between the heat releasing and heat absoro-
ing streams and a rate relationship;-,But;inwcontrast to the usual
heat exchanger, much of the heat: is.transferred by radiation instead

of corvection.




-21-

The radiant section provides space forg:hg fuel to be completely
mixed with air and burned. it céntains*thé*;&diant heat absorbing:
tubes which remove a large percentége of :he.heat from the flue M
gas before it passes out to the convection section.

The convection section recovérs additional\heat from the flue
gas, at a lower temperature level than can be economically obtained
‘in the radiant section.

We will use the problem developed in fhefprocess design of the‘
Crude ﬁnit for sample calculations.

’Modes of Heat Transfer

2. Conduction. Heat may be qransférred'bi:conduction from one
molecule to.the next within a substance.. If one end of a
'dthel rod is inserted.into a furnaée,'the other end of the
rod will become hot after a time due to conduction of:heat“
fhfough the metal rod.

2.  Convection. Heat is transferred betweégbsolids and fluids by a
process known as convection. This i#vféélly:a combination of
‘corduction and fluid motion. For exnmple, heat moves from the '
outside surface of a het oven wall to the adjacent air mnlecules
by conduction, ‘and then the air moveslaway‘carrying the heat
with it. The motion of the fluid (air-in this case) may be due
to the natural buoyancy of the heated molecules (hot air rises)
4n which case the process is termed free or natufgl convectiop,
or the motion‘bf the fluid may be héthanicaily produced (as by
‘a fan) in which case it ié termed forced~convec:ion. Twov
.pacial forms of convection which behave quite differently from

11. others are boiling and cordansation.
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3. Radiation is entirely different from the above-mentioned modes
of heat transfer. Light is a form of heat radiatiom, bnﬁ all
heat radiﬁtion is not necessarilf visible (light). For e#ample,
a person can feel the heat radiation from a furnace wall or a
hnf piece of metal even though neither may be red hot (that is,
neither is radiating light).~Vk#diant«heat'travgla in sttgight’
lines ahd may pass through a vacuum, iif;.ioﬁébgases, some »
1iquids, and a fe& solids such aﬁ“glass and quartz.

C. ﬁadiant Section - .Lobo Evans Method
Extensive investigations have been made of the radiant heat trans-
fer between solid surfaces in various-arrangements, and between hot
gasés and solids. Lobo and -Evans appiied the basic radiation éon—
cepts t& furnace design,'and developed a rating method thatiﬁﬁs:
generally applicable without-excessi#e‘complichtiqp., The method

Aescribed here follows their basic‘paﬁt;fﬁ.;ilt*has beep furthér

'simplified,;however, by eliminatibn:of gsome mincr variables and in-

élusion of additional general correlations.

The basis for radiant heat transfer is the Stefan-Boltzzan equa-

tion. A black body at absolute temperature Tiradiates energy at a

rate W,, given by the relation:

Vy = o 4 Q)

Wy

=" Stefan-Boltzman Constant = ,
0.173 x 10-8 Btu/Hr, Sq.Pt., °R%

= Radiant Energy Rate

T = Absolute Temp., °R
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The Stefan-Boltzman constant ©= has a value of: 0.173 x 10'8 Btu/

sq. ft., hr, og4,

For radiant heat transfer between two real surfaces at tempera-

tures T, and Tb,.the relation becomes equation (2):

g, = o AR(TA - Tph) ()

q, = Radiant Heat Transfer, .Btu/Hr

A = Area, Sq. Ft. (one of the surfaces)

- P = Radiant Exchange Factor

T, = Temp., OR of One Surface

T, = Temp., °R of Other Surface

Here A is the area of one of the surfaces, and F is an exchange

factor which depends on the relative area and arrangement of’the
vafious surfaces, and on the emissivi;y and absorptivity of each.
Either the heat-losing or héat-absorbing surface may be used as &
basis for determining qrii ﬁbwever; the value of the exchange: factor
depends on which surface is used.
1. Bquivalent Cold Plane Surface

In a furnace, the heat-absorbing surface is usually well de-
fingd.' furthermore;.the f;te of heat transferkper unit of
absorbing area is importaﬁt to the design. Ihgrefore,‘;t has
become accepted practice to use :he'heat-aﬁsbrﬁing, or “éold“;
iurface as a basis for compuﬁing';he radiant heat transfer.

The usual heat-absorbing surface consists of a number of
pgrallel cylindrical tubes in front of a refractory wall. Part
of the radiation from the hot gac strikes the tubes directly and
is absotbed. The remainder passes through to the refractory,

and is reradiated back into the furzace. ASéin, pact of the
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reradiated energy is absorbed by the tubes, and the remainder
passes through.

This complicated situation is handled in théfcalculations
by replacing the tﬁﬁe bank with anréﬂuivalent plane surface,
Acp' It equals the number of tubes, times their exposed length,
times the center-to-center spacing, Equation (3). The tube bank,
however, will not abéorb all the energy radiated to the cold
plane area. -So the total cold plané"areaumqst be corfected by
an absorption efficiency factor o .‘YH;ttel has published valﬁes
é&r the facter'ﬁ* as afunctioﬁ of tﬁsé ;rréngemént and séacing.
His curves forfoﬁé Oor two rows of ;ﬁses in front of a refractéry
wall are reproduced in Figure 19.

Acp .,N x i x:S 3)

Acp = Cold Plane Surface
N = Number of tubes -
L = Length of tubes, éffective,'ft;
S = Center-to-center spacing, ft.

The product of the actual cold-plane area and the absorption
efficiency faptor, cx.Acp, is called the equivalent cold-plane‘
area. It is the area of an ideal Black plane having the same
absorbing capacity as the actual ﬁube bank.

CiA,=NxLxSxoX (4)

P
Acp = Equivalent Cold Plane Surface
©X = Hottel Factor or Efficiency Factor

The shield tubes require special handling. These tubes are

not backed by a reradiating refractory wall. 1Imstead, any

energy that is not directly absorbed by the shield tubes passes
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on to the tubes in the convection section, and is absorbed there.
Therefore, from the standpoint of the radiating gas, the factor
©X for the shield tubes is unity. So in calculating the total
equivalent cold-plane area in a furnace, the applicable value

of o is applied only to the refractory-backed tubes. The cold-
plane area of the shield tubes is taken at full value. It might
be argued that the shield tubes do not pick up all this heat,

so the computed heat absorption in the radiant section will be
too high. However, actual experience ShOWS‘that because of the
high gas velocities past the shield tubés; éonvectiye transfer
to them is higher than to the normal radiant tubes, and more
than compensates for the loss in radiant transfer. The assump-
tion‘that ©< equals unity for these'tubgs'is a reasonable allow-
ance for the added convective effects, and simplifies the cal;
culations.

Exchange-Factor.

l. The remaining term to be evaluated in Equation 2 is the
exchange-factor, F. First, we must account for the fact that
the; gas in the firebox is far from an ideal black body. The
only constituents in normal flue gas that contribute signifi-
cantly to the radiant emission are carbon dioxide andﬁvater;
Figure 20 shows the amount of water vapor and carbon dioxide in
a typical fuel oil on a wét’basis. Figure 21 shows the products
A;ﬂ a'dry basis. The emissivity of a body of gasvdepends on
toncgntration of each of theée two components, the furnace di-
mensions, and the temperatures of the gas and of the absorbing
surface. Lobo and Evans have shown that the composition and

dimensional effects can be accounted for by a single term, the




partial pressure of carbon dioxide plus water multiplied by the
mean beam length. Figure 22 shows the partial pressure, P, of
the radiating components as a function of excess air for the
usual hydrocarbon fuels,_Tabie 1 gives‘thé»mean beam length, L,
for various furnace shapes. It has been‘fqﬁnd~that the tube
vall temperature has only a minor effec;;"Therefore;vthe emis-
sivity can be correlated as a function of the PL product and
ggs"temperature, as shown in Figu:e.23;, Variations 1n»tu5e wall
temberature between 400 and 1000°F can be .seen'by the deviation
from these cirves as 23a thru d.

The exchange-factor is .also dependentfbh’the amount of re-
radiation from exposed refractory. Energy striking such re-
fractory is, in effect, reflected back toward the tubes. Thus
i furnace with a large amount of exposed refractory will trans-
fer more heat per unit of tube surface than one with most of
the walls covered by tubes. This effect can be correlated on
the basis of the ratio of exposed refraétory‘grea to equivalent
cbld-plane area, as shown in Figure 24. The'exposedyrefractory‘
area is defined as the area which would be exposed if the tube
bank were replaced by the equivalent cold piane. That is, it
is the total envelope area of the firebox, less the.equivaient
coid-plane area of all the tubes.

Figure 24 also allows for the fact that. the tubes do not
completely ﬁbsorb all the radiant enmergy that strikes them. The
curves are based on-a tube=gurface absorptivity of 0.9, which

ir a commonly accepted value for oxidiced metal surfaces.
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Thé working equation for calculating radiant heat transfer
in the firebox thus becomes Equation (5):
- ' b_ ok
QR = OORA F(T* - T, (5)

qR,. = Radiant heat transfer by radiation in Radiant
Section.

F = Exchange Factor.
©X = Efficiency Factor (Hottel)
Tg = Flue Gas Temp., °R

f = Tube Wall Temp., °R

t
3. Conﬁective Transfer
Although radiation accounts for most of the heat transfer in
the radianﬁ section, convection cannot be neglected. The rela-
tive amount of heat transferred by convection may be from five
to twenty percent of the total rﬁdiant duty, or more, depending

on the temperature level. The relation for convective heat

transfer is shown as Equation (6).

Re * thARt(Tg - T (6)
qpc ™ Heat transfer by convection in Radiant Section,
Btu/Hr.

hp. = Coefficient of heat tramsfer by convection in
" Radiant Section

Agy = Tube Area in Radiant Section
Since convective heat transfer is not tﬁe'major contributor,
ve make some simplifying approkimations.‘,For the uéual'furnacg,
hg. is about 2.0 Btu/Hr., sq. ft., °F, and Ap, is about two times
C><Acp.
it into 2 form similar to Equation 5 and have Equation 7.

Making these substitutions into Equation 6, we can put




e * thARt(Tg - Tt)
since hpc = “~~2.0 BTU/hr ftZ °F
Agy = ~ 20<A.,
Gre = 2Q2OXCAI(Tg - Tp) = 4 X Ap(Tg-Tp) (D)

4. Total Heat Transfer Rate
The total heat absorbed in ‘the radiant section is the sum
_ of the radiant and convective transfer.
dividing both side by X Ach
q «
R =0 (rgh - Th + 4T - T

O A F =

For the usual furnace, the exchange factor, F, is approximately

(8

0.57. Substituting into the right hand side of the above equation:

IR O (Tt - TH + 4 ~
—_— - It b (Tg - Ty)
or
R 4 .
YW (T, D 02 (T - T,) (8a)

This relation is shown in Figures 25 a-c or Figure 28.
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Is there any way the convective constituent can be altered in

the radiant section?

We find that a tube placed onme tube diameter from a re-radiating
wall will absorb approximately 27% wore heat than a tube directly

against a wall (see Figure 25d).

The moveﬁgnt of gases to the walls of a furnace provides both
convective heat transfer to the tubes and radiant heat transfer
from thé refractéry walls to the tubes. Mo§1ng gases ndt only
transfer convective heat directly to the tﬁbés but also transfers
heaf by convecfion to the walls. The heated wélls, in turmm,

radiate this heat to the tubes.

T.is phenomenon is important to consider where the refiner
intends to add insulation to an existing furnace. If insulation
is placed over existing insulation on walls shielded by tubes,
the distance between tube and wall will decrease. This, in turn;
nay réduce the heat absorbing capacity of these radiant tubes.
Instead of'conserving heat withvinsulation, the furnace is
‘forced to fire harder to account for the loss in heat trahéfer
t§ the tﬁbes, wasting fuel and potentially causing other

difficulties.
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sese.But how can we determine the Tube Wall Temperature (Tt)

AT Across the Tube Metal (ATm)

The basic relation of heat flow by conduction is Fourier's

K. 3T
dA ?t

where A = Area of isothermal surface
t = Distance measured normally to surface

Rate of heat flow across surface in
direction normal to surfaces

-
.

T = Temperature

K = Proportionality constant

In steady state operation, assuming K is independent of T and
heat losses are negligible, we have:
S - -KdT or dT = =-a 4
A dt 1A

Let us look at heat flow through a tube:

Where rj{ = inside radius -
ro = outside radius

r = radius of very
thin cylinder
between ri and ro

dr = thickness of very
thin cylinder oi
radius r

T4 = temperature of
inside surface

To = temperature of
outside surface

L. = length of tube
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We will assume dr is so small when compared to the thickness
of the cylinder (r) that the lines of heat flow may be considered

to be parallel.

Our equation for steady conduction can be rearranged as follows:

3= -kgdr q=--KAdD
A dt ' - dt
applying this relation to our cylinder:

q= =K (27rL) dT
‘ dr

where Acy) = 27rl
dt = dr
rearranging and integrating

o ' Ty
dr = 2ITIK '( ar
T q

T{ : T°

lnro-lnri = 2 M IK (T1i - Te)
q

q= _KQATL(T{ ~ Ta)
In(ro/xy)

for convenience let's place this equation in another form

for simplification

q - KA (Tg = To)
T - ri

4n order for the equation to be correct

KAy (T1 -Tp) = g (277L) (T - To)

To = Iy la(ro/r1)




solving for Ay,
KL = 2#L(ro - r{)
1n(ro/r1)
note that the logarithmic mean radius, ;i =1, - ]

In(ro/ry)

therefore Ay = A0 - A = jogarthmic mean area
In(Ag/A1)
Tearranging our bﬁsic equation
AT, =Ti-To= q [+t
~ ALY K

where t = r45 - ry

To put the heat flux, q/A in terms of the outside circumferential

area, we note
A= Ao -p . 2MLr, =W DL
In(Ao/Aj)

where Aj = inside circumferential area
Ao = outside circumferential area
B-L = logarithmic mean diameter
and for tube sizes we work with,we can fairly accurately assume
AL = Ay +A; and D = Do + Dy
T2 -2
where Dy = inside diameter

Dy = outside diameter

therefore

ox # = ho /o




returning to our basic equation

O EEE)

since Di = Do ~ 2t
therefore

Dp= (Do = 2t) +D, =D - t
2

substituting

ok (20)
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AT Across the Inside Film (ATf)

The heat transfer coefficient, h, is defined generally by

the following equation:

h = dg/dA

If-Ty

Where q = rate of heat flow across surface in
direction normal to surface

A = area of isothermal surface
T¢ = bulk temperature of fluid
Tw = temperature at wall

Rearranging gives

(T-T,) = AT, = EAS (%)

or
ATg = q /1
- A\n

Expressing the flux rate on an outside
~Ty tube area basis and corfectiﬁg the flux

rate to its location on the inside tube

A
e

Since Do =
Di Di

ElE

; ATg = o 1\ Do
- a0 { B\ DL

Tube Metal _Temperatur'e (T, or TWT)

TWT = Tg + AT, + AT,
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Please Note:

1f there are coke deposits and scale deposits the equation

bécomes

TWE = T, + ATg + ATcoke + ATgcale + 8Ty
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 Individual Heat Transfer Coefficients

Earlier, we touched updn the subject of heat transfer coef-
ficients in célculating the‘temperatufe.dropfacross the inside
tube film. We should note the heat transfer coefficient is an
;rt;fiéial property used to determine cqnﬁéétivé heat transfer.

If a fluid in turbulent flow flows fhroﬁéh a tube, tﬁere are
:h:éé separate regions. There is a thin layer of fluid at low
ﬁélocity at the wall and a turbulent region at the center of the
fube. Between the two regions 1is a third,'a'transition region.
The‘velocity gradient is largest at the wgll and smallest at the
tube center. The temperature gradient is affected similarly; it
iﬁklarge at the wall and through the viscous sublayer, in rapid-
change through the transition zone and'smalljih the turbulent
core.

The viscous sublayér-is of primary concern with respect to
heat transfer. Heat transfer thrbugh thisli;yer méy be‘described
as approximating conduction due to its low velocities, Other
fluid regions may be considered to be falrly equal in temperature
Ié a result of rapidly moving eddy currents within them.

The overall resistance to the flow’of heat is a result of the
two viscous layers on'eithér side of the tube wall and the wall
itself. The overall heat transfer coefficient is.bestvaﬁptoxi—
mated by analizing it in terms of the tﬁfee aforementioned resis-
tances. This approach reguires the use Qf individual heat trans-

fer coefficients for the fluid streams onfeiﬁher side of the wall.
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The individual heat transfer coefficient, h, is defined gen-

erally by the equation:

h = dq/dA
Tf‘Tw

It is not a measurable quantity as is length and volume but is a
theoretical quantity produced empirically,through experimentation.
Throughout the 1itefatufe, in&ividual heat transfer coefficient
correlations differ with one another considerably. One can open
5 geparate engineering books only to discover each has its own
correlation for a specific substance. Many employ the Reynolds,
Prandtl.and Nusselt numbers.

For our purposes, we recommend the Sieder-Tate method for
determining the individual inside heat transfer'coéfficient for
all systems except hydrocarbon vapor (one phase). . The Sieder-
Tate equation is as follows?

h=EK [9_8_] 1/3 (_z__) 0.14 ¢ _D_c.)

R g, g
See figure 45 for the nomenclature.
When determining the individual heat transfer coefficient in

hydrocarbon vapor phase systems we use -the following correlation

by McAdams:
H=16.6 Cp ¢ 0-8
0.2
D

Where Cpk- heat capzcity, Btu/1b°F
G. = mass velocity, 1b/ft2Sec

Dj = inside diameter of tube, in.
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Heat Distribution in the Radiant Section

Heater tubes in the radiant section of refinery furnaces do
not utilize their available surface to the fullest. Picture
‘a heater tube intersected by a plane perpendicular to the
centerline of the tube. Let us center our attention on the

intersection of the plane and the outside circumferential area.

Ideally at all points on this circumference, the heat flux
will be equal. However, due to the geometry of the heater
and the burner and wall orientation we find the circumferential flux
distribution to vary considerably. Figure 25e demonstrates
the radiant circumferential heat flux distribution for a
heater tube receiving heat from a radiant source on one side
of the tube (refractorvy wall on the other) and a heater tube

receiving heat from radiant sources on both sides.

Diagram A of Figure 25e displays the circumferential flux
distribution of a heater tube shielding a refractory wall.
The area of maximum heat tranafer is immediately opposite the
radiating plane while the point of minimum heat transfer is
180° away, immediately opposite the refractory wall. The
minimum point dJoés not "see" the radiating plane directly and
only receives radfant Neat indirectly from radiant rays rebounding

off the refractory walls.

Similérly, we observe the circumferential flux distribution
for a tube accepting radiant heat from sources on either side in

¢fagram B of Figure 25e . As we can see, the surface area
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is better utilized but still is not perfect. We note the direct
radiation profile on either side of the tube mirrors that of the
difect radiation profile of the hot side of the shiélded (single
fifed) ﬁall tube. In comparison, if we set a maximum point heat
flﬁx in éach of the two examples, we can see that the overall

heat transferred would be greater in the double fired (radiating

planes on both sides) tubes.

This may be again evidepced in Figure 25f , a chart p:ovided
in the second edition .of APi RP 530. I1f we compare shielded |
tubes vs. double fired tubéé, we find that the ratio of maximum
fiux rate to the‘aﬁerageyaf a ceﬁteriiﬁe to centerline spacing
di;idéd by the tube outsidg'diameter 05'158‘18 1.90 fPr the former
and 1.22 for tke latter. What this means is that if we are, for
some reason, liﬁitgd by a certain maximum circumferential flux,
£ double fired tube’will have an average flux rate more than 55%
(1.9/1.22) greater than the single fired tube or, tb(put it in
‘other terms, the total surface area of. the single firéd tube will

be :capable of absorbing 55% more heat.

Figure 25f also demonstrates the effect of increasing the
d;stance bétween‘the tubes.  As the centerline to centerline
aistance increaéés, the raiibjof the ma;imum to #ve:agexflow
decreases. This is more pronbunced in single fired tubes. With
single firing, more heat ig,fransferred to the tube by re-radiation
of th;“refractory wall as the tube spacing is increased; as tube
spacing increases, direct radiant rays formerly hitting a tube

will miss the tube, hit the refractory and rebound to another tube.
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The discussion, so far, made no mention of the comvective
constituent of the overall heat transfer in the céﬁvec:ion
gection. The heat distribution with the convective component
furthef rounds éut eaéh curve, in particular, the single fired
system. As we/havé seen before, the distance of the tube from

the wall will affect the overall heat absorption of the tube.

In‘many furnaces, there is a longitudinal flux distribution
as well as a circumferential flux distribution. Unfortunately,
this variation is not as‘easily placed upon paper. This
longitudinal variation usually rests between 1.0 and 1.5 and

may vary considerably between different sections of the furnace.
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5. Radtant Heat Balance
To determine the temperature of the flue gas in the fire-

box, we must now consider the heat‘balanée‘aréund the fur-
nace. Heat is put into the radiant’section4froﬁ three .
loufces - the net heat of combugtionkqn, the sensible héati
of-the combustion air q, and the sensible he;f of the fuel
qé;,;ﬂeatﬁis removed in three ways: that absorbed by the
tﬁbes~qi,‘the losses qg, and the sensible heat of the exit

flue gas q82' Expressed as Equation 9:

: ; = €
In+data; =agptaq +q, ©)

OR

9@ = dn +9a +qg -9, - ¢ (o)

g2
guf- Net heat of combustion
¢ = Sensible heat of combustion air

Sensible heat of fuel

o
L

q_-= Absorbed by tubes
g- = Losses
g2 Sensible heat of exit flue gas
Equation 10 can be modified to a form similar to Equation

8a.

4R 1+9% + 9% - 4 - %73 _In
RACPF l_ % Gn G { oAcpF (11)

The net heat release q, 1is established as soon as the
stotal heater duty and efficiency are established. The values
of qq and qg are fixed by the temperature of thke fuel and
iealbusﬁion air. The loss qj is usually from one to three per-

mant of the net heat release, and can generally be estimated
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from past experience. This leaves Qg2 as thg~on1y variable
on the righthand side of Equation 11. It turns out that the
£r;¢tion of net heat—releaée retained in tﬁe‘fiue gas is
primarily‘a function of temperéfufe aﬁd excess airg for all
common liquid and gaseous fuels. This rel#tiép‘is shown in
FPigure 26a - d for a typical oil. Data for sixteen fuel
g;ses and seventeen fuel oils agree with the curves, Fig. 27,
within two percent.

Témperatures

Figure 28 shows the rate of heat transfer between a mass
of gas at one uniform temperature, and a‘tubg surface at
another uniform temperature., In most actual furnaces, ﬁaw—
ever, néither of these temperatures is constant. Average
effective teﬁperatures must be selected in order to use
Figure 28,

’Tube wall temperature depends on the temperature of the
fluid inside, the intube transfer coefficient, the thermal
resistance of the'tgbe wall, and the total heat flux. Fluid
temperature can almost always be taken as the arithmetic mean
of‘thé ra&iant section inlet and outlet.} The difference
between fluid and tube wall témperatures~cani;if nrcessary,
be determined from the usual intube filﬁ-coefficient éorrglf
ations. Since radiant‘absorptiqn rate is fairly Insensitive
to tube wall temperature, hawever, it is usually accurate

enough to add 100°F to the average fluid temperature.
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The average effective gas tgmperature-depends on the gen-
eral shape of the furnace and the firingféohditions. fExper-
ience has shown th#t for heaters of the type with anFapprox-
:imatély.square cross;section and no large areas of refract-
ory with direct flame impingement, the average gas temper-
ature i1s very close to that of the exit gas. For some

-other types, however, such as a cylindricai furnace with a

‘high length/diameter ratio, the average firebox gas is

appreciably hotter than the exit gas. The magnitude;of this
difference must be determined empirically from experience

with similar designs.

. Radiant Section Absorption

Equation 8a gives the heat transferred to the tubes in
the radiant séction as é function of average gas temﬁeiature.
Equation 11 gives the heat removed from the flue gas as a '
function of exit temperature, Simultaneous solution of the
two equations gives the firebox temperature and the: amount
of heat tr#nsferred.

>Ih§ solﬁtion is most easily obtained graphically by super-
imposing a plot of Equation 11 on Figure 28. The value of tg
is read where the plot of Equatioﬁ il ¢rosses the appiicable
tube wall ‘emperature, Then, from a heat balance, q_ is
readily determined. Note that it is not necessary to plot
Equation 11 over the full temperature range. Only that part
which crosses the curves in Fiéure;28'isﬂrequiréd.‘ Furthexr-
more, since Equation 11 is nearly linear with respect to gas
t@m@étature, twd calculated points close to the intérsection,

jolned by a straight line, are wsually sufficient.
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D. Convection Section
1. General
As in the raﬁiant section, heat is transferred in the
convection section by both radiation and convection. A
firm basis for calculating convection-section heat tran-
sfer was first_hutlined by Monrad. He accounted for con-
vection heat fadiation from the gas, and radiation ffoﬁ
the refractory walls. The method outlined here follows
Monrad's théory, but with revised correlations to include
later experimental results.
2. Cdﬁvective Heat Transfer
The correlation offered by Monrad has been revised to
include later and more extensive data -for film transfer

coefficients.

bee = 2.14 (Tf)o(;zj (Cpax) °° (12)
10-

th = Convection Coefficient of Heat Transfer in the
Convection Section

T¢ = Temperature of film, °R

G = Mass Velocity flue gas, lbs/sec/sq.ft.

d = Diameter, 0.D. tube inches

Figure 29 shows the convection coefficiert for several

common tube sizes. The average gas film temperature is
defined as the average intube temperature plus one-half
the log mean tcmperature difference from flue gas to fluid.
Ti.e flue gas rate is at the minimum cross-section in the
convection section. It has been found that flue gas rates

for all ordinary gaseous and liquid fuels can be correlated
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on the basis of net heat release and percent excess air.

The relation is shown in Figure 27.
Radiation from Flue Gas

A method for calculating the heat transfer by radi-
ation from flue gas to a bank of tubes has been preseated
by Hottel, His basic relation was solved using typical
tube gpacing of about two tube diameters, a tube surface
absorptivity of 0.9, and a typical partial pressure of
carbon dioxide plus water. The results are shown on
FigureA30. The average gas temperature is defined as
the average intube fluid temperature plus the log mean
temperature difference from the flue gas to fluid. The
average tube wall temperature may be taken as average
fluid temperature plus 100°F.
Radiation from Refractory Walls

?ollowiﬁg Monrad's pattern, we express the effective
coefficient for wall-to-wall transfer as a,fungtion of
tube wall temperature, as shown in Figure 31. This co-
efficient, together with the relative wall and tube areas
in the convection section, determines a correction factor
£, thation»lB:

£u___ hoy Acw as)
ho, + her + how  Agy

h,._ = heat transfer coefficient in Convection
Section from refractory walls

-vheat transfer coefficient in Convection
Section due to radiation

Acy; ™ Refractory wall area in convection section

Acy ™ tube area in Convection Section.
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Overal] Heat Transfer Coefficient
The total apparent gas film coefficient is determined from
the individual coefficients by the following Equation 14:

he = (1 + £)(hg + hep) (14)

The intube coefficient is calculated by standard methods,
based on the flow-rate and physical properties of the fluid.
The resistance of the tube wall is small, and is usually
neglected. The over-all transfer coefficient in the convection
section then becomes Equation 15.

Ve = he(hey)

he + hey

(15)

In many rating problems, particularly during preliminary work,
the detailed calculations outlined above are not justified. For

these cases, the curves in Figure 32 can be used. These represent
overall convection section coefficients, assuming usual tube
arrangements, fluid temperatures, and intube fi;micoefficients.

If we refer to the literature on heat transfér‘by convection

the overail heat transfer coefficient is given by the following:

v, = 1
Do 4+ Do + W /Di\ 4+ 1 + 3
Dihds Dihy Emn \ Dp ho hgo

or

Vy = ]




where Vi = overall heat transfer coefficient based
upon inside tube area

Vo = overall heat transfer coefficient based
upon outside tube area

Dj = inside tube diameter

BL -‘1ogarithmi¢ mean tube diameter

Do = outside tube area

hdi' fouling factor for deposits on inside of tubes
hdo = fouling facfor for deposits on outside of tubes
hy = inside heat transfer coeffiéient «

ha = outside heat transfer coefficient

kﬁ = thermal conductivity of tube

ty = tube wall thickness

If we look at this overall coefficient more closely and make

the following assumptions and‘observations:‘

D

2)

3)

The ratio of the diameters is small and approaches unity,

the overall coefficient becomgs

VO - 1
1 1 tw 1 1
' + + + +-
hgg ~ hy Em ho ~ hgo

The resistance due to the tube wall is negligible in

. comparison with the other resistances

Vo = 1
1 1, 1 1
hdi hy ho ~ hgo

Fouling is negligible

,vb - 1
1 .
T
hg ho
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If we multiply both the numerator and the denominator of the

right hand side by hohi, we have

Vo = _2232___ or equation (15), Vo = he(hey)

I[deally, this equation should be satisfactory but in cases
where fouling may be substantial, we must include fouling

resistances.
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6. Extended Surface

Extended surface on the tubes in the convection
section is often used as a meaﬁs of obtaining addi-
tional heat transfer per unit of ﬁrime tube surface.
Convective transfer coefficientg for such tubes
igpend upon the exact size and arrangement, and must
be determined for the particular type being consid-
ered. It should be noted that the extended surface
increases only the convective transfer. Radiant
transfer must be computed on the basis of priﬁe tube
surface. With most types of extended surface now
béing used, radiant transfer to the convection sect-
fon tubes is so small that it could be neglected.

EXTENDED SURFACE

A. TFioned Surface
1. history

In order to lay a foundation for our discussion,
some background on the history of high temperature
fin tubes will be discussed. An early method of
applying extended surface to a tubular produCt
involved cast iron rings which were shrunk to the
tube in such a fashion as to tranefer heet from
the tube. This type of extended surface, known
as "gill rings", was very expensive, extremely
heavy, and has been replaced by more modern methods
of attaching extendea surface. ’Eaxly contributions

to the industry included the brazing of both
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longitudinal and square plate-type extended surface to
tubular products. This also remained a costly and less
attractive method of attachment.

At this point, two methods of attaching a spiral-
woundifinito'a tubular product-were introduced to the
industry and received immediate acceptance and wide-
spread use, . One involved grooving a tubular prqdutt
and rolling a smooth, continuous fin into the groove,
resulting in a tight mechanical bond. The other method
used cut-type fins with a rolled underfoot that was
spirally wound around the tube and spotwelded by resis-
tance-welding equipment to the tubular product. At
about this same time, longitudinal type fins were being
attached to tubular products in the same manner as the
.spiral wound product. In addition to the spiral-wound
type fin tubes, a "stud"ftyfe fin is also available-
vhich is resistance welded to the tube. ' This product
has found application in vertical-type furnaces and in
some high temperature services. However;¥pw1ng‘§o’its
low external surface ratiq, it_doeé not,pompeteﬂin gen—
eral applications‘with’the spiral-wound type fims.
Another spiral-wound fin tube employé a helifarc7We1d
at the base of the fin stock pro§idihg‘aﬁggnginnous fillet
weld.

A more recent development in spiral-wound fin .tubes
involves a smooth continuous fin which is tension wrapped
around the tube and high-frequency welded as it is wrap-

prd onto the tube.
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The latest of the spirally wrapped fin tubes is an
advancement or improvement in two previously mentioned
type of tubes,

The first is a continuouslywelded cut type fin in
lieu of the old spaced type weld. Thg‘second is-a ser-

rated high frequency welded fin tube.

B. Serrated Fins (Fig, 48)

1.

2.

Rating Instructions -

All fin tube manufacturers have rating instructionms.
We feel that there are no short cut methods that are
sound as they contain flaws and limit their scope and
seriously affect their accuracy.

Type of weld

The mosﬁ widely #ccepted type of weld in recent years
is the continuous weld. The flange of the fin is con-
tinuously welded to the tube by a resistance weld which.
leaves the tube unchanged metallurgically; hence, normal-
izing after welding is unnecessary,‘regardless of aiioy.
The width of this weld is always gre#ier than the thick-
n;;s of the fin. This provides a broad heat transfer
path from the fin tip to the inside of the tube. If
spece welding is to be used, the tip of each weld should
not be greater than 1/8" apart.

Cleanability

Soot blower manufacturers have demonstrated’ that the
serrated fin is easier to cleam than the continuous fin.
The resson is that the space between the segnments per-

mlis letere’ flow of the gas dur’ng operatioa (as well
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as the steam during cleaning). This keeps buildups be-
tween the fins from accumulating rapidly and permits

more effective steam cleaning.

C. Solid Fin (Fig. 48)

1.

2.

Strength

A few ope:ating companies feel that the solid. fin is
gasier to handle and replace in the field. The. contin-
uwous fin apparently slides through the tube sheets and
supports easier,

Thicker.Fins

The main advantage of asolid fin which used thé high
frgquency Velding process is the fact that the fins can
be made much thicker than the standard frequency process.
Fin thicknesses can go all the way up to:.1875". By
increasing‘the fin thickness, one raises theffin*gffic-
iency enabling one to use fins at higher temperatures.
In other words, at temperatures previously too high for
f£in tubes,

VOne of the important considerations for higher type
of fin tube is the recommended fin tip temperatures for
a giyen material should be used.

The most commonly‘used materials and the maximum fin

tip temperatures are as follows:

Carbon Steel 950°F
112 Chrome 1250°F
18-8 1650°F

25~12 or 25-20 2000°F
Type of Weld
Tre base of the fin is contimuously welded to the tube

by a special, high frequency resistance welding‘ptocess._
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The width of this continuous weld will be no less than
90Z of thé thickness of.thevfin. This provide a broad
heat transfer path from the fin tip to the inside of

the tube. This is actually a forge type weld of the I
type (no flange). Thére is a thickening at the base of

the fin which is the fin metal.

Figures 49 & 50 - Tube Failures

Studs (Fig. 51, 52 & 53)

The studding followed essentially the same development

as the finning, however, it was developed for boilers and

then adapted to process heaters.

Calculations

1.

z.

General

In thevforegoing example we will-replace the bare
tube convection bank with a solid fin bank that is suit-
able for firing fuel oil.

As theicost of fuel increases, it is increasingly im—
portant to improve the operating efficiency of refinery
heating equipment. One way to improve the efficiency of
fired heaters is to increase the heat recoVery in the
convection section by using finned tubes. In actual
practice, the sampie we are using would be totally
tedone but for now we will just substitute tube banks.
Rating Method

This method is basically for finned-tube convection
sections. The rating problem is divided into three parts:
8. The heat transfer fpr;flqw:ofmga§e8~qugggwpégkg;ggk

finned tubes,
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L. The radiation leakage from the combustion chamber
to the.convection section
C.. The gas pressure‘drop acfoss the bank of finned
tubes
The total heat transferred to the finned tubes is the
radiation leakage through the shield coil (if any) plus
the heat transferred by convection and radiati m with in
the tube bank,
9c = qgL + UcAe (LMID) (20)
qc = Convective heat rate, Btu/Hr
qgl, = Heat Rate Shield ieakage

U = Convective overall heat transfer
coefficient, Btu/Hr/Sq.Ft./°F

Ay = tube area, Sq. Ft,

Heat Transfer for Cross Flow of Gases

The classic reference on rating fired-heater<convect-
ion ;ectiéns is a ﬁaﬁer Monrad published in 1932. In
this paper, Monrad developed the relations covering heat
transfer to the convection section by convection from
the gases, radiation from the gases, and radiation from
the refractory wails. He used convection heat transfer
data for smooth tubes only. He did not consider the
additional heat input due to radiation leakage from the
combustion chamber when the convéction section can "see"
the radiant section through the shield coil.

After Monrad's paper was published, Colburn developed

& more satisfactory relation for the convection coefficient.

hD, = 0.36 ( u\ 1/3 (Donax) 0.6 (21)
= k ) M
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=
]

Convective Film heat transfer coefficient
‘and BTU/hr/sq. ft. °F

o
o
]

Outside diameter, ft.

"
L]

Thermal Conductivity, BTU/hr sq. ft., °F/ft.

N
]

Specific_Heat, BTU/#
M

Viscosity, Lb/ft.hr.
G = Mass Velocity, Lb/sq. ft./sec.

The constants used here are not those originally
proposed by Colburnm, but are revised values in accord
with extensive data published later by Huge, Plerson
and Tucker.

Colburn's equation and the data of Huge, Pierson and
Tucker are for plain tubes. Gardner developed a general
relationship for the effectiveness of a fin,which can be
used to compute the’film coefficient for a finned tube
from'the coefficient for a plain tube of equal root dia-
hgter. Gardner's general relationship for retangular
‘cross-sectional, helical fins is:

E = tanh (up) (22)
b
E = fin efficiency
u = at base of fin
vhere

- x\J2 Do (23)
u X KY

“
]

fin height, in,

Y = cross sectional width of fin, in.
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Therfilm coefficient for the finned tube is related to
the coefficient for.a plain tube by the following equationm.

he = h, (BAr + &
4 (24)

= film heat transfer coefficient,
Btu/Hr,Sq.Ft.,°F

Ag = Fin Area, Sq.Ft. //e,“a
A{ = Total Surface Area of plain tube, Sq.Ft./Row
The fin efficiency, E, depends on the fin dimensions, the
thermal conductivity of the fins and the convective heat

transfer £ilm coefficient. In developing Equation (22),

Gardner made the following‘assumptiohs:,

8. The heat flow and temperature distribution throughout
the fin is independent of time; i.e., heat flow is
steady.

b. The fin material is homogeneous and isotropic.

c. There is no heat source in the fin itself.

d. The heat flow to or from the fin surface at any point
is directly proportional to the temperature d;fference
between the surface at that point and the surrounding
fiuid.

¢. The thermal conductivity of the fin is constant.

f. The heat transfer coefficient is the same over the
entire fin surface.

g. The temperature of the fluid surrounding the fin is
uniform.

h. The temperature of the fin base is uniform.
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i. The joint between the fin and tube is assumed to offer

‘no bond resistance.

j.; Tﬁe fin‘thickness is so small compared‘vith its height
| that temperature gra&ients across the width of the fin
may be neglected.
k. The heat transferred through the outermostiedge of the
fin is negligible compared with the passing into the

-fin through the sides.

Figures 54 aﬁd 55 give the graphical solution of Equation
(22) for annular fins and spines respectively. Note that
the use of a fin efficiency factor makes Equation (24) use-
ful for both ahnular fins ana4spines.,

Monrad's basic reference for radiant heat transfer from
non-luminous gases is a paper bjfnottel published in 1927.
Hottel has since published the material, with later data, as
a chapter in McAdams' book on heat trancmission. The apparent
heat transfer coefficient for radiation from the hot gases to

the convection section is

l+e
() 5o (egT% - e, T4

(25)
by (T, - T)

¢ °~ = Stefan-Boltzman Constant
e = Emissivity of tube at tube wall tempercture
.! = Emissivity of gas st rrdiating temperature
Tzv- Temperature of gas, °R

Tt = Temperature of tube wall, °R
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To account for radiation from refractory walls to the
tubes, Monrad expressed the radiant heat transmission as a
fraction of the heat transferred directly to the tubes.

by A, (26)
A - (b, + b +h,) K

lé? = Factor for wall radiation in convection section

= Refractory wall heat transfer coefficient,
Btu/Hr,Sq.Ft.,°F

hi = Radiant heat transfer coefficient,
Btu/Hr,Sq.Ft.,°F

A, = Refractory wall area, Sq.Ft.

Four factors must be considered in order to evaluate the
heat transfer for cross flow of gases. (1) The convective
heat transfer coefficient. (2) The fin efficiency. (3) The
radiation from the gas. And (4) the radiation from refrac-
tory walls.

There are a number of tube arrangements possible, but for
the purpose of this presentation equilateral triangula:
pitches of 1.5 and 2.0 times the nominal diameter of the:
tube are chosen as standard. - Therefore, when a tube size is
selected, the tube spacing is fixed by the chosen standard

¥ tube arrangement. The tube size, the nnmber,of tubes per
row, the area per row and the minirum cross-sectional area
for the flue gas flow are considered in this rating presen-
trtion. Usually, in fired-Leaters, the tube size in the
rsdiant section is the same as in the convection section,
ard the number of tubes per row is such that the flue gas

1. te ‘c about or below 15 ft/sec. The arec.-pe: rov is the
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exposed area per tube times the number of tubes. The mini-
wum cross-sectioﬁ area for flue gas tlow 1s the total cross-
sectional area of the con#ection section less the projected
area of one row of tubes.

The design conditions for the convection section are set
by the overall design conditions and by the radiant section
rating. Thg flue gas rate, the stack heat contenﬁ, ﬁﬁé'stack
temperature and the intube fluid inletftempe:ature must satisf;
the overall design conditions. The flue gas inlet tempera-
ture and the 1ﬁtube fluid outlet temperature must satisfy the
over-all design conditions; and they must fit in with the
radiant section rating, if the exchanger is a fired-heater.
Thevdesign temperature data are used to calculate the log
ﬁean temperature difference, the average gas film temperature
and the average gas temperature.

Fﬁr simplicity, the convection coefficient correlation
proposed by Colburn is used with revised coefficients based
on the data of Huge, Pierson and Tucker. Equation (21) is
simplified as follows, for use in computing flué:-gas. film.
heat transfer coefficients:

0.28 0.6
2.14 T % (Gpay)

. 0.4 (L)
oo wh

hcn
Tf * {lue gas film temp., °R

The effective heat transfer coefficient for a finned tube

is giver by Equation (24).
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The method for calculating the amount of heat transferred
by radiation from the flue gas within the convection section
was presented by Hottel. For finned tubes, the gas radiation
coefficient is based on the root diameter of the tube. The
axea used to compute thg radiant heat transfer is the area
df the bare tube. The basic relation for standard tube-to-
tube clearanﬁes (1.5 and 2.0 diameters apart) was solved by
assuming a tube surfaée emissivityko£»0.90,~and a constant
partial pressure of carbon dioxide and water. The apparent
heat transf;r coefficient for radiation from the flue gas
within the convection section is given by Equation (25).
Figure 56 is a graphicai solution,of,Equatibn (25). The-
average gas temperature is defined as the average intube
temperature plus the log mean tempgratute difference from;“
gas to intube fluid. The average tube wall temperature :is
approximately the average intube temperature plus 100°F.

Radiation from the refractory walls is still another
tethod of transferring heat to tﬁé convection sectinn. tubes.
It is essumed that the convective and radiative coefficients
for heat transfef to the refractory are the same as the . .
EoefficientSzfor heat transfer to the tubes, and any heat
1033 from the convection section is pneglected. Mon:ird ex-—
pressed the indirect radiant transfer as a fraction of heat
transferred directly to the tubes in Equation (26). He
assumed that T, is equal to 1.25 T,, that the tubes znd
walls form ihfinite parallel planes, and the wall emissivity

48 1.0. On this basis, Equation (28) is plotted in Figure 57.
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T 3
= 9,46t ___
B (1000 ) (28)
The overall heat transfer coefficient for the convection
section is calculated from the apparent gas film coefficient

and the intube film coefficient. This apparent gas film co-

efficient is

bg.= (@ +B)(hg + b)) (29)

Radiation Leakage from Combustion Chamber

The Lobo and Evans method for calculating the heat ab-
sorption in furnace radiant sections is the basis for
Wimpress' method which is used here to calculate the radiant
heat which leaks through the shield coil into tﬁe~convect16n
section. The difference between the incident radiant energy
éndAthe direct absorption is the radiation leakage absorbed
by the convection section

qr, = G™(1 -X) A F (T4~ TH) (30)
where A,

P

the radiant exchange factor of the radiaut section, Ty 1s

ghe,radiating temperature in the combustion chamber, Tt is

is the cold plane area of the shield coil, F is

the shield coil tubewall temperature, and is a factor of
comparison for direct radiation. Figure 58 is a plot of

Equation (30) rearranged as

IsL =((Tgh - Tyh) (1)

In evaluating the shield coil leakage, the tubewall tem~
perature at the corss-over between the convection section.
and the radiant section is used. Radiation leakage through
the shield coil to the comvection section does not occur if

the convection section does not "see" the radiant section




through the shield coil.

Pressure Drop Across the Bank of Finned Tubes.

Gunter and Shaw presented the normal form‘of the friction

factor for a specific tube bank as

2 0.14 -0.4 -0.6
R ( X ) ( ) (SL) (32)
toa S5t

AP = Pressure Drop, inches H,0
"8 ™ Gravitational constant, 32.17 lbm f;/lbf se.c2
eg = Density of gas, 1bs/ft3

. Dy = Volumetric hydraulic diameter = 4 (Net Free Volume), ft.
Friction Surface

L = Mean length of radiant beam
Hu " Viscosity water, 1lb/ft hr.

' Sy ® Transverse pitch, center-to-center distance from
' one tube to another in the same row, ft.

SL = Longitudinal pitch, center-to-center distance from
tube in one row to the tube in the next row, ft.

Equation (32) is based on the intensive data of Seider and
Scott, Hugé and Pierson. The ratio of viscosities to the 0.14
power is approximately 1.0, and for equilateral spacing, Sj

equals Sq. Then

o £ Gaap® (D) O (33)
2.0 Dy \51

Now, coumbining the constants together and converting

the pressure drop into inches of;water

- Cax) L s
&P = 0.003 —m—m————— P D, SI)

The friction factor, £, is plotted as a function of the

Reynold's number in Figure '59.
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COMPARISON OF BARE TUBE VS. FINNED TUBE
CONVECTION SECTION

Taken frOm:

1) Rating Fired Heaters by R. N. Wimpress
Hydrocarbon Processing, Oct. 1973, V42, No. 10

2) How to Rate Finned-Tube Convection Section in:-Fired Heaters
by J. L. Schweppe & C. A. Torrijos
Hydrocarbon Processing, June 1964, V43, No. 6

Process Conditions:

98,640 1b/hr flue gas in at 1610°F, out at 820°0F
Process fluid in at 3800F, out at 4830F
_ hij = 100
Duty required = 23.4 x 106 BTU/HR
Use 6, 4" tubes per row, 8" C to C spacing,
triangular spacing, Eff L = 38.5 ft.

1; Bare using Wimpress method
Finned with 1" high, 2 - 0.05" thick fins:per inch
using the Scheweppe and Torrijos method

Temperature Differences:

Hot - 1610 Cold - 820 LMD - 1127-440 . 7300fF
-483 -380 tnf(112
T1270F 4400F 440,

Average Temperatures:

0il = (380 + 482)/2 = 4320F
Tube Wall = 432 + 100 = 5320F
Gas = 432 + 731 = 1163°F
Gas Film = 432 + 731/2 = 7980F
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WIMPRESS SCHWEPPE & TORRIJOS
Gross Width 6.5 (8) = 52 6.5 (8) 52m
Projected Width 6 (4.5) =27 6 [4.5+ 2 (0.05X)(2)] = 28.2
25" = 2.08" 23.8
Free Width | = 1.98'
Mass Velocity 98640 = 0.342 1b 98640 = 0.359 '1b
3600(38.5)(2.08)  ftZ Sec 3600(38.5) (1.98)  ft2 Sec

Surface

At = 7 (4.5)(38.5) (6)
12

= 272 ft2/row

Ag = [ f6.52-4.52\ 2] (12) (38.5) ¢;
4\ 144 ’

= 1390 ft2/row

Radiation leakage
through shield

(1-a) AcpF=(1-0.76) (154) (0.63.
=25.4 ft

Tg = 1610°F

Assuming TWT = 483 + 100 = 583°F
from Fig. 6

qSL = 29600 Btu

(1-a)AcpF Ft< Hr

qSL = 29600 (25.4)
= 0.75 x 106 Btu/Hr

hee = 2.14(798+460)0-28(0.342)0.6

4.50-%

= 4,54

hee = 2.16 (796+460)0+28(0.359)0-6
) 4050"

= 4.(C

fin efficiency:

x’__iﬁ_l__ 2(4.68
KY 1‘2~E1(0.05712)

~ 0.705
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SCHWEPPE & TORRIJOS

dg/dy = 6.5/4.5 = 1.445

E = 0.84
he = 4.68 E).84(1390)+27_2]
272
= 24.77
her From Figure 10, h., = 2.25 From Figure 4, h, . = 2.25
3 3
hey h,, = 9.46 | (532+460) hey, = 9.46 | (532+460)
1000 1000
= 9.23 - 9.23
Wall Area 2 /8°\ (0.866)(38.5) = 44.45 ft2 2 8\ (0.866)(38.5) = 44.45 ft2
12 12
F B = 9.23 44 .45 B= 9.23 44 .45
4.54+9.23+2.25 {272 24.77+9.23+2.25 \ 272
= 0.0942 = 0.0416
ke he = (140.0942) (4.54+2.25) he = (140.0416) (24.77+2.25)
= 7.43 - 28.14
Overall heat Ve = 7.43 (100) Ve = 28.14 (100)
‘transfer 7.43 + 100 " 28.14 + 100
coefficient
= 6.92 = 22.0
Total Surface Area - dc Ap = 9c - 9IsL
Required V. (LMID) 6 Ve (LMID)
= 23.4 x 10 = (33.4-0.75) x 106
6.92 (731) 22.0 (731)
= 4626 Ft2 = 1408 Ft2
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' WIMPRESS SCHWEPPE & TORRLJIOS
No. of Rows N = 4626 N = 1408
272 272
= 17.007 - 5.176

Use 17 Use 6
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- The Schweppe and Torrijos article, when compared with Wimpress'
article, includéé radiant losses through the shield tubes to the
convection section. Wimpress ignores these losses which should be
‘considered. Nevertheless, Schweppe and. Torrijos are in -error when
they approach the convection section.

In bothAarticles,vthe radian£ section is assumed to be a well
stirred reactor. Each article employs a heat balanqe around'the
radiant section. However, gpe radiant heat balance AOes not inglude
the radiant losses through the shield tubes to ﬁhe convection section.
With respect to Schweppe and Torrijos;»aithdugh they do consider
these radiant lossés, they ﬁever correct the flue gas temperaturé to
the convection section to‘account for these losses.

Schweppe and Torrijos determine the‘flue gas temperature lgaving
the radiant section irrespective of the radiant  losses throughbthe
shield tubes. They then determine the,quantity of‘héat absorbed in
the convection section due to these radiant losses. ' They proceed to
calculate the tube surface required in the oonvection section by’con-
vection without adjusting the flue gas temperaturé._;Although the
convective heat ébsorption/is reduced by the radiantlleakage, the
enthalpy change due to the radiant leakagé has not been considered
in the flue gas. The result is a flue gas temperature entering the
convection section higher than need be.. This highér’temperature de-
fies an enthalpy balance and produces a calculated coﬁveétion section
surface area lower than required; it~iS'ne¢essary'to,subtract thé
tad;;nt shield losses from the sensible heat of the flue gas and

determine a new flue gas temperature to the convection section.
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Can we theoretically justify this correction? No justification
is necessary in the convéction sectlon but our radiant section cal-
culations are now subject to question. ' One might ask the question,
"Since there are radiant losses through the shield tubes, must not
the radiant firebox temperature be reduced"?

The answer is again "no". The radiant section calculations
employ a series of estimations and assumptions (re:'the assumption
that the radiant section is a well mixed reactor) to best place, in
empirical terms, a description of the behavior in the radiant section.
Since this method has been demonstrated to be accéptably accurate,

there is no need for alteration.
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Recommended Method

Let‘the 2 bottom convection rows be bare and the remaining rows shall

be finned as in 2).

A)

B)

Calculate the radiation leakage through the shield tubes

(1 - X )AcpF = (1 - 0.76) (154) (0.635) = 25.4 £t2

_assuming TWT = 483 + 100 = 583°F, from Figure 6, Scheweppe and

Torrijos:
st = 29600 _BTU
(1 -~ )ApF Ft2hr

qg;, = 29600 (25.4) = 0.75 x 10° BTU/HR

Determine the flue gas temperature to the first row of bare tubes
(correcting the flue gas enthalpy for the loss of radiant heat
through the shield tubes).

Heat content of flue gas @ 1610°F + 25% excess air
Net heat release

= 0.45 (Wimpress, Figure 7)

Heat content cf flue gas to the first row of bare tubes
Net heat release

= 0.45 - 0.75x 106 = 0.45 + qq
97.5 x 100 dn

C.44
From Wimpress, Figure 6, ordinate = 0.44

T = 1585°F
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G) Determine convective heat transfer to the 2 bare rows.

Gross width = 6.5 (8) =52

Projected width = 6 (4.5) = 27

Free width = 25" = 2.08'

Mass velocity = 98640 =.0,342 1b
'3600(38.5)(2.08) ftlZsec

- T(4.5)(38.5)(6) = 272 ft2/row
12

Surface - . At

1) Assume convective heat transfer = 6 x 106 BTU/HR
a) Calculate flue gas T leaving 2nd bare row:

" Heat content of flue gas = 0.45 - (0.75 + 6.00) x 106=0.38
Net heat release . 97.5 x 106

flue gas T out = 1398°

b) Calculate fluid temperature in

Tfl.in = 483 - (6 ;30;7_52(483 - 380) = 453°F

c) Temperature Difference:

kot = 1585 cold = 1398 ILMID = 1102 - 845 = 1021.5

=483 - =453 In /1102
1102 945 945

d) Average Temperatures

01il = (483 + 453)/2 = 468
Tube Wall = 468 + 100 = 568
Gas = 468 + 1022 = 1490
Gas Film = 468 + 1022/2 = 979

e) Calculate surface required

hee = 2.14 (979 + 460)0-28(0.342)0.6 = 4,27
4,50.4

hes = 2.93 From Figure 10, Wimpress (Fig. 4, S + T)

-
hey = 9.46 | (568 + 460) [3 = 10.28
1000

Wall Area = 2(__8_)(0.866)(38.5) = 44,45 £t2
12 |
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10.28 (’44.45 = 0.0984
4.72 + 10.28 + 2.93 272

Ve = _8.40(100) = 7.75

8.40 + 100
Surface Area Required = 6 x 106 = 758
7.75(1021.5)
No. of rows = 758 = 2,79 -  Too High
272

Lower estimate of heat absorption

2) Assume convective heat transfer = 4.45 x 106 BTU/HR

a)

b)

Calculate Flue Gas T leaving 2nd bare row:

Heat Content of Flue Gas = 0.45 - (4.45 + 0.75) x 106 = 0.40
Net Heat Release 97.5 x 100

flue gas T out = 1447°

Calculate Fluid Temperature in-

Tf1.4n ™ 483 - (4.45 + .75) (483 - 380) = 460

c)

@

e)

23.4
Temperature Differences
hot = 1585 <old = 1445 LMTD = 1102 - 985 = 1042
=483 =460 In 1102 -
1102 ) 985 98"

Average Temperatures

01l = (460 + 483)/2 = 472
Tube Wall = 472 + 100 = 572
Gas = 472 + 1042 = 1514
Gas Film = 472 + 1042/2 - 993

Calculate Surface Required

bee = 2.14 (993 + 460)9:28
4'5004

ber ™= 3.05 (Fig. 10, Wimpress or Fig. 4, S&T)

(.362)2-6 = 4.73
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hey = 9.46 | (572 + 46@] 3 - 10,40

L 1000
B =__ 10.40 44 45 0.0935
4.73 + 10.40 + 3.05 272

he = (1 + 0.0935)(4.73 + 3.05) = 8.51
Ve = 8.51 (100) = 7.84

8.51 + 100
Surface Area Required = 4.45 x 106 = 544.7
7.84(1042)
Determine the rémaining number of finned rows required using 1"
high, 0.05" thick carbon steel fins, 2 fins per inch.
Gross Width = 6.5(8) - = 52"
Projected Width = 6 / 4.5 + 2(0.05)(2)_J = 28.2"
23.8" = 1,98’
Mass Velocity = 98640 = 0.359 1b
| 3600(38.5) (1.98) ftlsec
Surface of Fins = 7 [6.52 - 4.52{(2)  (2)(12)(38.5) (6)
4 . 144
= 1390 £t2/row
Temperature Differences:
hot = 1447 .cold = 820 IMID = 987 - 440 = 677
=460 =380 In 987
987 440 440
Average Temperatures:
0il = (460 + 380)/2 = 420
Tube Wall = 420 + 100 = 520
w 420 + 677 = 1097
= 420 + 677/2 = 759

hee = 2.14(759 + 460)0-28¢0.359)0.6 = 4,64
4.50.4

fin efficiency

2(4 2(4.64) = 0.705
| 31(0.05/12)

fl.f - 8:5 = 1.445

4.5




from Figure 2, Schweppe + Torrijos
Efficiency = 0.84

he = 4.64 0.84(1390) + 272 |[= 24.56

272

hey = 2.07 (Fig. 10, Wimpress or Fig. 4, S&T)

A ————————————

hey = 9-46 | (520 + 460) 3 - 8.90
100

P = 8.90 446.45 V= 0.0409
24.56 + 8.90 + 2.07\ 272

he = (1+0.0409)(24.56+2.07) = 27.72

Ve = 27.72(100) = 21.70
27.72 + 100

Surface Area Required, At = 23.4-—”(4.45 + 0.75)]}{ 106 = 1239

21.70(677)

No. of finned rows = 1239 = 4.55 Use 5 finned rows
272
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Stack Design

1.

3.

General

In a natural—draf; heater, the stack must create sufficient

draft to ‘overcome frictional drop through the burners, the .con-

vection section, the damper, and the stack.
Burners

Pressure drop across the burners is often required to draw

“in secondary air. Its magnitude is usually set by the bufnet

manufac;uret;ﬁand depends on the type of burnmer and the fuel.

‘A normal valué'ig about 0.25 inch of water.

- Convection Section

The pressure drop across bare horizontal tubes in the con-
vection section, is about one-half velocity-head per roﬁ;' The

velocity-head in inches of water is given by the following.
2

Py '(%3)(__?1;_)(12) = 0.0030 v2(¥e)= .003 6° e
e/\Y, -
V2 = Velocity, ft/sec.

'g = Gravitational constant, 32.17 ft/sec?
fg = Density of flue gas, lbs/cu.ft.
{w = Density of water, lbs/cu.ft.

Flue gas densities are shown in Figure 33. In the convection
section, the gas density is evaluated at the same average gas
temperature that was used to}calculate the convection section
transfer coefficient.

Stack and Damper
The various remaining losses are expressed in terms of

velocity-head in the stack.:
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‘Stack entrance 0.5 velocity-heads H, Height, Ft.
Damper 1.5 ‘D, Diameter, Ft.
“Stack friction H/50D
-Stack exit 1.0

TOTAL 3.0 plus H/50D

'Equation 16 and Figure 33 are used to calculate the velocity-
head, just as for the convection section.
Draft

The draft effect depends on the difference in density be-

‘tween the hot flue gas and the surrounding air.

AF = H( 'a ‘ ) (12) =0 1‘87H( l - ‘ ) (17)
. ° a
_?___g_ g

Available draft per 100 feet of height is shown in Figure 34.

" To allow for heat loss from the stack, its draft should be com-

puted -on the basis of a tempeféture 100°F lower than that of
the fiue_gas leaving the convection section.
Furnace Pressure

It is usually desirable for all sections of the heater to
be below atﬁosphefic pressﬁ:e. Then any leaks through peep-
holes, tube-openings, or cracks in the sé;ting will bé outside
air moving in, rather than hot flue gas moving out. In heaters
with tall ra&iant«sections, such as vertical cylindrical types,
the firebox alone may develop more draft than is required by
the burners. In such cases, the stack height must be increased
as necessary to maintain sub-atmospheric pressure at the convec-
tion section inlet.
Stack Size

In many installations, minimum stack heights are set by fume
dispersal requirements, par:icularly‘if{thefe are tall structures

neéfby. If such is the case, the stack is sized co that the
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total friction drop is no greater than the available
draft. If there are no such outside limitations, the
ﬁost economical coﬁbination of diameter and height can
be selected. Usual designs have flue gas vélocities in

the stack of‘hbout 25 -~ 30 feet per second.
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Furnace Rating Procedure

1.

General

We now come to the problem of applying.the principles
outlined above to a specific furnace design. The follow-
ing paragraphs describe general concepts that are norm;
ally used, and present the outline of a procedure that
has been found to require a minimm of trial and error
computation.
Basic Design Considerations

‘ane function of a process furnace is to heat a pre-
scribed amount of some naterial from one temperature eo
another, using a particular fuel. In addition to this
requirement, other‘limitations are generelly imposed.
SOme.are needed ﬁo fit additional process requirements,
and others are set on the basis of past experience. The
usual restrietions are discussed in the following para-
graphs.

" Over—-all furnace efficiency determines the basic oper-
ating cost of the neater.‘lThe optimum efficiency‘for a
?articular application depends on a number of factors,
nuch as the cost of fuel, the temperature of the fluid
being heated, the type of tube material required, and the
user's policy on investment payout. For process heaters
without air preheat, over-all efficiencies are,usunlly in
the 70 to 80 percent range, based on net heating value.

Table II shows furnace efficiencies bascd on fuel oil

and exit flue gas temperatures. Each fuel wil’ have its
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own efficiency chart, however, variations are not
extreme and this chart is sufficient for fuel oil firing.
Another general curve for estimating efficiency for
design or analysis is shown as Figure 35. Each fuel has
its own characteristics and to be truly correct a curve
should be developed for your fuel,

Excess combustion air has a significant effect on
efficiency. Iﬁ'general, the lower the excess air,,thé
smaller the heater for a specific job;- However, too
little excess air‘can cause operating difficulties from
incomplete combustion, poor flame characteristics, and
erratic control. Usual excess air rates are 15 to 25
percent for gas-firing and 25 to 40 percent for oil.

The maximum absorption rate in the radiant section is
‘uiuéllyispecified by the user on the basis of past exper~
lence. High radiant rates generally result in smaller,
less expensive heaters. Lower rates give lower tube wall
and refractory temperature, thus tending toward lower
maintenance. Normal design figures for clean service with
with good intube transfer coefficients are in the range of
10,000 to 15,000 Btu per hour per square foot of tube sur-
face.

Maximum heat release per unit firebox volume may be
specified. Unit heat release is a rough measure of the
probability of flame impingement on the tubes. However,

current practice is to judge the possibility of flame
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impingement from the furnace shape and the type of burner,
rather than to set an arbitrary heat release limit.

Maximum pressure drop of the process fluid is usually dic-
tated by the user. This places some restrictions on the tube
size and number of parallel passes.

Preliminary Design Steps

Before starting the detailed rating, certain aspects of.the
design can be established from the process requirements and_the
other limitétioﬁs described above. First, caltulgté the net
heat rele#se, using the specified absorption duty and efficiency.

‘Then select an excess air percentage and determine the flue
gas rate from Figure 27 or 26¢c & d.

Normal heaters will handle about 70 percent of the total duty
in the radiant section. On this basis, estimate the radiant
heat absorption qp. From enthalpy or specific heat data for
the prdcess fluid, estimate the témpetature at the crossover
ﬁctween the convection and radiant sections, and the average
fluid temperaturéiin the radiant section. Add 100°F to the
average fluid temperature to get the aversge tube wail tempera-
ture. Using the specified allowable radiant transféf rate, cal-~
culate the total radiant tube surface.

The convection bare tube surface is usually about equal to
that in the radiant section. On this basis, select a tube size
sud pass arrangement that will give the required tctal surface

and meet the specified pressure drop limitation.




4. Radiant Section Rating

Choose. a center-to-center spacing for the radiant tubes which
is compatible with the selected tube size. Wide tube spacing:
permits high radiant absorption rates with relatively low fire-
box temperatures, and gives good circumferential heat distribu-
tion. Closer spacing permits more tubes to be installed in a
given size firebox. The usual spacing is about twice the nomi-
nal‘pipe size corresponding to the outside tube diameter, for
oxample,j8-inch spacing for 4.5-inch OD tubes.

Using the approximate'radiant tube surface determined. above,
choose firebox dimensions that will accommodate the required -
total tube length. The exact proportions depend on judgment
and past experience. Long furnaces minimize the number of return
bénds‘required, thus decreasing total cost. Shorter and:wider
fir;boxes, on the other hand, usually give more uniform heat
distribution and lessen the probability of flame impingement
on the tube surface.

Por the selected firebox dimensions, calculate the equivalent
cold-plane surface, the effective refrac;ory'surface, and. the
mean beam‘lengfh;‘,nead the partial pressure of carbon dioxide
plus water’frdm’Figuré 22 and calculate the PL product.

If preheated air or fuel is used, calculate the heat content
of each stream above 60°F, and its ratio to the total net heat
ralease. The heat content of any of these streams belov 100°F
can usually be neglected. Estimate the heat loss through the
setting.

Assume a value for the average terwperature of the flue gas in

the radiant section, t At this temperature, reac the gas
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emigssivity from Figure 23c & d, and then the exchanger from
Figure 24. Calculate the rétio-...qn/ dAch.

If the furnace design is one for which experience has shown
a significant difference between average effective gas temﬁera—
ture and éxit tgmpera;ure, apply the appropriaté correction to .
determine the exit temperature th' Read the corresponding
value of qulqn from Figure 37. Then, using Equation 10, cal-
culate qR/CfAth and plot it against average furnace temperature
on Figure 28.

If the assumed value of tg was correct, the computed point
will be on the absorption curve for the average tube wall tem-
perature. Usually, of course, there will be a.discrepancy.
Then.select another value of tg on the other side of the absorp-
tion curve, and repeat the above procedpre. When two points on
opposite sides of the curve are obtained, join them by a straight
line. The point of intersection of this line with the absorp-
tion curve is the correct firebox temperature. For this tempera-
ture, calculate tgz’ read qulqn from Figure 37, and celcilate
Sp from Equation 9. This is the heat actually absorbed ip the
radiant section.

It is now necessary to check the computcd radiant absorption
to be sure it meets the design limitatioms. First, divide the
heat absorption by the total exposed tube area to get the average
heat flux. If it is higher than the allowable maximur,, a new
furnace with more tube surface must be selected, and the rating
Tepeated. If the actual heat flux is considerably below the
allowable value, a smaller furnace should be considered. Then,

f-om enthalpy data on the process fluid, calculate tls crossover
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temperature from convection to radiant section. If the com-
puted temperature is significantly different from that assumed
in starting the rating, it may be necessary to go back and re-
peat with a2 new value of average tube wall temperature. Tube
wall temperature, however, has such a small effect on the
radiant -absorption rate that such refinement is usually un-
necessary.

There is one point to watch in regard to the cross-over
temperature. The fluid temperature determined as described
above corresponds to the transition from true convection tubes
to shield tubes. Many heaters include the shield tubes as part
of the convection section, and the crossover piping isbactually
between the shield and radiant tubes. For such cases, the
temperature in the crossover piping will be higher than that
calculated in the rating, by an amount corresponding to heat
absorption in the shiel& tubes.

Convection Section Rating

The convection section must pick up the difference between
the heat absorbed in the radiant section and tﬁe total heater
duty. The temperatures of the flue gas entering the convection
section and the ﬁrocess_fluid leaving it have alrcady been cal-
culeted as part of the radiant section rating. The iaconing
fluid temperature is set by the original design conditioms.

The flue gas temperature going to the stack is deter.ined by

an over-all heat balance and Figure 37.

95 .9 _ 9f -(3_:_3_9 (619)
99 93 o %

35 _.1+%, if.o(____.qk‘*' q‘)
9 9 4 9




Using these temperatures, calculate the average fluid tem-.
perature, the log mean temperature difference, the average gas
temperature, and the average gas-fiim temperature.

Select a convection tube arrangement that will give a maxi-
mum flue gas mass-velocity of about 0.3 to 0.4 pounds per square
foot per second. Calculate the mass-velocity G. For precise
vratings, calculate the gas~film coefficient using Figures 29,
30_and 31, aﬁd Equations 13 and 14. Calculate the intube co-
efficient using any applicable method. Thes calculate the
over-ali transfer coefficient from Equation 15. For less criti—
cal ratings, read the over-all design coefficient from Figure 32.
In either case, finally determine the convection area from the

usual heat-transfer equation

N 4 |
A, = T, (LMID) (15)

The calculated convection surface will usuzally not correspond
to an integral number of tﬁbe“rows. In manj cases, the_conmputed
surface is simply rounded up to an even number of tube rcws,
and:the excess considered as a margin of saféty. If a more
exact rating is desired, however, it is necessary to assume a
neﬁ.over-all efficiency and repeat the éntire rating. The re-
sults can then be interpolated to the desired number of tubes.

Finally, calculate the flue gas pressure drop through the
convection section, using Equation 16. Evaluate the flue gas
deﬁsity at thelsame average temperature that was used in cal-

culating the transfer coefficients.
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6. Stack Design

The stack must provide enough draft to hold the firebox at a
neggti&e pressure, and to overcome frictional losses through the
convection section and stack. First, calculaterthe draft cauéed
by the firebox itself. Determine whether the limiting facﬁor i;
pressure drop across the burners or the necessity of maintaining
negative pressure throughout the firebox.

Assume a stack temperature 100°F lower than the flue gas
leaving the convection éection. Select a stack diameter to give
a stack velocity of about 25 to 30‘feet per second, and calculate
the velocity head. Estimate the stack height, and calculate
the friction 1bss through it, allowingil.s velocity ﬁeads for
the inlet and exit losses, 1.5 velocity heads;fof the damper, and
lyvelocity head for each 50 diameters of stack height.

Read the stack draft per 100 feet from Figure 34. Calculate
thc draft that the stack must produce, and the required height.
If additional height ié required for fume dispersal, the stack

diameter may be reduced.

"TASLE 3 - Altitude Correction Factors for Gas-Density and Dreft

Altitude Above I"*1tiple Density
Sea Level ~ /d Draft By

o.nooceooooo-oool'oooo
1000 . &« ¢ ¢ ¢ ¢ e c e e s o o« o 0.964
2000 « ¢ ¢ ¢ ¢ o o e s e o o e o o 0.930
3000.»..-.-;000-.’10000896
4000 . . ¢« ¢ ¢ « ¢ ¢ s e s s o = « 0.863
S000 ¢ ¢ ¢« ¢ ¢« ¢ ¢« o o 00 s o o o 0.832
6000 « ¢« « ¢ « « ¢« o« o s o s« ¢« o 0.801
7000 ¢ . 4 o ¢ ¢ 4 s e e e s e o« 0.772
8000..'.....'0.....(07&3
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SAMPLE CALCULATIONS
To better understand the foregoing discussion, we will do a sample
problem. I have chosen that which was de?eloped in your Crude Unit
process heat and weight balance. The data from the heat and weight
Salance is as shown on Figure 38a and the flash curve as Figure 38b.
There really isn't much information in the attached data so that we
will generate data to try to match or come close to that given. A
UoP §.6 profile was used and we obtained the following curves, Figure
40a and Figure 40b.
Chéck Ht. Content
v>’Assume 180 psig pressure drop
at 6ué1et
1 * 685‘FV P, = 15 psig H, = 438 Btu/Lb.
at inlet

1: ¢ 490°F P, = 195 psig H; = 245 Btu/Lb.

H Btu/Lb 1¢3 Btu/Lb.
Duty = 1.240.000 x 193 = 239.32 x 106 Bru/Hr.
237.92. (Figure 38a)

Vaporization at outlet = 687

Process Specs £° 55

"~ Ve will use the higher vapor point as it will be safer fyom pressure
drop consideratioms.
We have decided that we would use-the heater structure similar to
that shown on Figure 42. It also is necessary to dccide on A radiant
heat transfer rate and as & guide wc wiil use the number from Table 4

Figure 43 for Crude servicec of 12,000 Btu/Hr/Sq.Ft.
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We will burn fuel oil so that we must establish an efficiency on
the basis of the inlet fluid temperature.. From Figure 39 or Figures
35 or 36 with a bare tube convection bank we obtain the following
assuming a 300°F approach temperature between the exit flue gas and:
the inlet fluid temperature with 302 excess air.

Gross Heater Efficiency = 71.252

Net Heater Efficiency = 76.252

Net Heat Release = 239.32 x 10% = 313.86 x 106 Btu/ur
.7625 ‘ |

From Figure 27 there are 1,080 Lbs. flue gas/MM Btu Net Release
Actually, rather than using a general chart, a éhart similar to

that shown as Figure 41 should be used for your specific fuel. It
is developed quité easily and it should be done. Wé will use the
general correlation of Figure 27.

Total Flue Gas =

,,1080 x 313.86 = 338,971 Lbs/Hr

94.2 Lbs/Sec.

Radiant Section

Assume that the,:adiﬁnt section will absorb 70% of the total absorp-
tion required.
Radiant Duty = .7 x 239.32 x 10% = 167.52 x 106 Btu/Hr.

With 12,000 Btu/Hr/Sq.Ft., the radiant surface required = 167.52 x 192
1:,000 (Table 4)

© 13,960 Sq. Ft. From Table 5, Figure 44 we will select 6" I.P.S.
- Schedule 40 thickness, then the number of passes required at approxi-

mately 3 ft/sec. cold velocity would be 99,900 B/D x_ .31 « 3.8 ft/sec.
1,000 x 8 passes




It would be too complicated to use more passes in this style of box
we have chosen. A rec&mmended velocity for this serviée is about
3.5 ft/sec.

Surface per foot of tube (Table 5) = 1.734 Sq.Ft./Ft.

Length of tubing required = 13,960 = 8051 ft.
1.734

Assume tube length of 60 ft.,
then No. tubes required = 8051 = 134.2 tubes
60

tubes/pass = 134.2 = 16.8 say 17 tubes/pass
- 8

We normally use 50 equivalent diameters for a return bend (Table 5).
Equivalent length per tube = 60 + 25.3 = 85.3 ft.
Equivalent length per pass = 1450.1 ft.

G = Mass velocity = 1,240,000 Lbs/Hr = 214.4 lbs/sec. sqg.ft.
3,600 x 8 x 0.2008

satisfactory - not-less thén-lSO

Cross Over Temperature

Now let us estimate the crossover temperature accordingly with the
following procedure:
_ Outlet conditions: 685°F & 15 psig —> H = 438 Btu/Lb
i Crossovef conditions:

ALHCO = Radfation section heat absorbed, Btu/Hr
Fluid heated, 1lb/hr

B = 167.52 MM -Btu/Hr = 135 Btu/Lb
co
1.24 MM Lb/Er

DEco = H, - B B, E, - AE
Feo ™ Fo 7 Feo B, 438 - 135°= 303 Beu/wb

Pressure assumed = 140 psig, so Tco = 554°F (Fig. 40a)
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Estimated Pressure Drop

AP _ .517 £ G2
100° D x P

£ = 0.004 for this service

ID = 6.065 in. (pipe size ID)

G = 214.42 1b/sec. sq.ft.
/2 = @ Process Conditions
Pl =1
5.V 1.8 ft3/1
then:
AP @ _ (.517) (.004) (214.42)2

100' outlet cond. (6.065) _l_)
' 1.8
= (15.6765)(1.8) = 28.22#/100"

AP @ o (15.6765)(S.V @ Cross over cond.)
100' crossover cond.

specific volume = .125 @ Po" 140 PSIG & T, = 554°Y

AP" e " = (15.6765)(.125) = 1.96#/100'
100' crossover cond.

IMAP = 28.22 - 1.96 = 26.26 = 26.26 = 9.8.6#/100'
In 28.22 In 14.4 2.6672
1.96

Pressure calculated = 9.846# x 1450.1" = 142.8# vs. 140.0#
100

Accepted deviation: 10 - 20%

T.. © Cross over iemperature = 554°F

~co

Average fluid temp. = fco + To = 554+ 685 = 1239 . gogep
2 2 2
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Tube Wall Temperature Check

Now let us estimate the tube wall temperature by means of Sieder & Tate
equation as follows:
. (z)" 3(_2_5"1“ 7((%)
D \K Z, ‘ A
h = Film Coeff. Btu/Hr/Sq.Ft./°F

K = Film thermal conduct. Btu/Hr/Sq.Ft./(°F/Ft)

L = Heated tube length, ft.

D

z,

Inside tube diameter, inches

Absolute viscosity, centipoises at average
tube wall temperature

G = Mass velocity, 1b/sec/sq.ft.

C = Specific heat of fluid at average fluid temp.,
Btu/Lb/°F

Z = Absolute viscosity, centipoises at average
- temperature of fluid

Crude oil properties will be determined at an average temperature of
620°F.
‘Crude properties: API 34.8 Charact. factor 11.9
K = 0.0654
L = 1450.1 ft.
D=6 in. (6.065 I.D.)
2/z,)- 14 = 1.0
2 = .3 Centistokes @ 620°F
G = 214.42
C=0.76 x 1.005 = .7638

Corrected by UOP K factor accordingly to
UOP Chart F-1

(Z = ch/S.G. o' ch o (2)}(S.6) = (.3)(.625)

L

S$.C. @ 620°F = ,625 from UOP PD-194
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Modified Reynolds Number = DG = (6)(214.42) = 6861
Z (.1875)

From Fig. 45: ¢ (_D_g) = 22,000
Z

From Equation 1:
‘ w 1/3 14 L 1/3.
h = (.0654) (.7638) (.1875) 1) (22,000) = 239.8 [2.1898]
' (6) (.0654) '

H= (239.8)(1.3) = 311.74

The temperafure difference through the o0il film for a clean tube, is:

ATgs3p = 12000 (6 .625

= 42.0
6.065 311 74

The temperature difference through the tube wall, is:

ATy .pa1 = 12000 £ 0.28) f6.625 = 18.5
-\ 190/ \ 6.625 - .28)

Average Tube Wall Temperature = 554 + 685 + 60.5 = 680°F
2
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Radiation Section Lay-out

' The lay-out of the heater is shown on Fig, 46. The heater dimensions are:

34 feet wide by 36 feet high.

Total number of tubes: 136

‘Tube Long Overall: 60 ft. |

Exposed Length: 58.5 ft. (1.5 £t available for support and bank)
Center-Center distance: 1 ft.

Shield Tubes: 8

Number of Passes:‘ 8

External-Internal Tube Wall Ratio: 2-3

External—Internal Tube Wall High Diff,: .1' Minimm

Space between the Wall and the Tube: One Tube Diameter

Burn.ers to tube cleerance: 5! Minimxﬁ

Pemiesible temperature difference betﬁeen'ﬁ.:leaving streams; = 30-40°F

Firebdx Temperature Calculation
seif;ce per tube = 58.5 ft/tube x 1.734 sq. ft/ft = 101.44 sq. ft./tube
Total Surface = 136 tubes x 101,44 sq.fifiti;:;/tube = 13796 sq.ft. = Ap
Spacing ratio - center-center distance/0.D. = 12/6.625 = 1.8
Effectiveness factor, @ = .92 (Fig. 19)
Shield tubes, Acps = exposed length/tube x No. of tubes x center-center dietance.
= 58, 5 ft/tube x 8 tubes x 1 ft = 468 sq. ft.
Hall Tubes Ay, = 58.5 ft/tube x 128 tubes x 1 ft = 7488 sq. ft.
'rotal Wall Tubes = a Acps + aA cps ™ Total equivalent cold plane surface
(1) (468) + (. 92) (7488) = 468 + 6889 = 7357 (¢ for shield tubes
1s consider unity.)
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- Envelope area = (2) (24 x ;}4) + (2) (34+ 85) (11,24) + 2(‘5>8‘.5 X 17) +~ ‘_2(5'8.5 x 24)

2
+ (8.5 x 58.5) + (58.5 x 34) + 2(22 x 58.5) - 2(10.5)(22)
= 1632 + 478 + 198?%{:2808 + 497 + 1989 +:2574 - 462
= 11505 sq. ft.

ARV- Refractory area = Envelope area - Total equivalent cold plane surface

AR = 11505 - 7357 = 4148 sq. ft.

Ratio Refractory area = . AR = 4148 - .564
Total eq. cold c&Acpt 7357
plane surface

Furnace Volume = 24 x 34 x 58.5 + (12 + 8.5) 12 x 58.5 - 22 x 10.5 x 58.5
= 47736 + 14391 - 13514 =48613 cu-,_,;fﬁ.
L = Mean beam length = 2/3 (furnace~volume)l/3 (Table 1, Fig. 22a)
- 2/3 (4s613) U3
= 2/3 (36.365) = 24.24 ft.
Partial pressure, COp + Hy0 = .225 Figure 22 @ 30% excess air
PL = (.225)(24.24) = 5.45 atm. fr.
Let us assume for the heater operation there is no preheated air or fuel,
80 qa = q¢ = 0.
Total average loss = qL/gn'- 0.02°
Estimated average firebox temperature = 1500°F

Flame emissivity: For T, = 1500°F & PL = 5.45 atm. ft.

Tube Metal Temp., °F o Ip
600 2t5
680 .53
800 .91

By interpolation from Fig. 23a - d
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¢= Exchange factor = .641 at Py = .593 & Ap/uAcpy = -564 (Fig. 24)
o A ptqss (7357)(-641) = 4715 sq.ft.

qnmcpth - 313.86 MM BTU/hr = 66554 BTU/hr sq. ft.
4715 sq. ft. - ”

For this type of furnace, assume that the exit gas temperature is the same
as for the average firebox temperature, i.e. like a well-stirred fire box.
Then Sty tg = 1500°F

Qga/an’'= .43 Fig. 37 @ 30% E.A.

1 + Qa + qF 23_2_ - qL dn
“Acpta qn’ ‘Qn 95 °§Acpt¢
= [1 +0+ 0 - .43 ~ 0.02] 66554
= (.55) (66554) =36605 BTU/hr sq. ft.

If we plot the calculated qR/ot Acpt of 36605 at the assumed firebox temperature

of 1500°F, the point lies to the left‘y of the&absorptiqn-curve“(Fig._‘ 25b).

So. let us try another calculation at 1750?.F,;émissivity, by 1ntérpolation e

307 E.A.

Tg = 1750°F & Py = 5.45 atm. ft.
Tube metal temp., °F Pp
600 .575
680 573
800 571
. 'Exchange factor,¢ = ,629 at ‘PF = 573 & AR/ “Acpt -‘_._564

o A p:¢' . 629)(7357) = 4628 sq. ft.

/ ¢ h=313.86 MM BTU/hr = 67824 BTU/hr sq. ft.
%/ Acpe b 4628 sq. ft.

qg2/q, = .52
lea(Acpth'-, (1L - 0.02 - .52) 67824 = 31100 BTU/hr sq. ft.
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Exchange factor = .655 at Pp = .593 & Ag/a Acpe = .631 (Fig, 24)
QAcpe @ = (7357)(.655) = 4819 sq.ft.

Gn/@A. ¢ = 313.86 MM Btu/Hr = 65132 Btu/Hr. sq.ft.
: P 4819 sq. ft.

For this "type of furnace, assume that the exit - gas temperature is the same

as for the average firebox temperature, i.e. like a well-stirred fire box.
- ‘ = - °

Then tgo t:8 “ ;SQO F

R = l1+9%+F-92-q 9n_
@®Acpe @ - -9 9% 9 | @Acpré

=[I+0+0- .43~ 0.02] 65132
= (.55) (65132)2835823 Btu/Hr sq.ft.

If we plot the calculated dR/ct Acpt of 35823 at the assumed-firebox temperature

of 1500°F, the point lies to the left of the absorption cure (Fig. 25).

So, let us try another calculation at 1750°F 'emissivity,"f'bj' interpolation @

302 E.A.
- 50° = 5.45 ;
Tg -1750°F & P.L 5.45 atm. ft.
Tube metal temp., °F Py
600 575
680 «573
800 571

Exchange factor, ¢ = .635 at PF = ,573 & AR/“Ar:pt: = ,631
& Acpr @ = (.635)(7357) = 4672 sq.£t.

qn/a cpt @ = 313.86 MM Btu/Hr = 67183 ‘Btu/Hr. sq.ft.
4672 sq.ft.

9g2/qq = .52
9/ a dept @ = (1 - 0.02 = .52) 67183 = 30908 Btu/Hr. sq.ft.




Plotting this point on Fig. 25b and Joining the two calculated points by a
itraight line, it crosses the-abSorption curve at 1588°F. This 1is the firé—
Sox’femperature.
Now; again from Fig. 37;

gp/a, = .46

9 = {1 -0.02 - .46]313 86 = 163 2 MM Btu/Hr

qr/ARt = 163,2 MM Btu/Hros 11830 Btu/Hr. Sq. Ft.
13796 8q. fe.

The obtained heat flux is just below the allowable value of 12, 000 ~= now
check the crossover temperature of the oil.
Enthalpy change - 163.2 x 106 Btu/Hr -'132}Btu/#
Heo = Ho = AH, = 438 - 132 = 306 Btu/#
Crossover temperature = 558°F vs. 554°F (assumed).

Average radiant fluid temperature = 558 + 685 = 622°F vs 624°F
, ' "2

Average Tube Wall = 622 + 60.5 = 682.5°F. vs 680°F
Calcuiated values are so close to assumptions no further correction is

necessary.
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Convection Section Design .

Beat Absorbed

"Convection section duty = heater duty - radiant section duty
Convection section duty = 239.32 - 163.2 = 76.12 x 108 Btu/mr
Stack Heat Content =93 =1+9a + 9 - /R + 9 - i
- Release 9 qn 4a qy 9
=1+0+0-0.763 - 0,02 =0.217

@95 = 0.217 and 30% excess air,
9n

Stack Temperature = 830°F (Figure 37)

Radiation Losses Through the Shield Tubes
(1 -a) AcpF = (1 - 0.76) (468) (0.648) = 72.8 f£t2
vhere F = 0.648 is ‘Jetermine»’d by interpolation at our firebox temperature at 1573°F

From Fig. 58 and TWTest = 500 + 60 = 560

31, = 28500 Btu
(1 - a) AcpF th Hr

9L = 28500 (72.8) = 2.07 x 106 Btu/Hr
Determing flue gas temperature to the convection section

Heat Content of Flue Gas @ 1573°F = 0.46 (Figure 37)
" Net Heat Release

Heat ‘Content of Flue Gas to Conv. Sect{on = 0.46 - 2.07 x 106 6
: Net Heat Release 313.86 x 10

= 0.45
From Figure 37 T f£1. gas to conv. = 1560°F

Temperatures
Temperature Differences:

AT Hot = T, - Too = 1560 ~ 558 =1002°F

AT Cold = T, - Ty = 830 - 490 = 340°F




Log Mean Temp = ATpoe =~ AT.o14
In AThoe
ATeo1d

= 1002- 340
In:1002
340
= 640

Average Temperatures:

011 Average Intube Fluid = Thi + Tco = 490 + 558 = 1048 = 524°F
) 2 2

Tube Wall = Oil Av. Int. Fluid + 100 = 524 + 100 = 624°F
Gas = 011 Av. Int. Fluid + Log Mean Temp, = 524 +640 =1164 °F
Gas Film = 011 Av. Ini:, Fluid + 1/2,_Log Mean Temp. = 524 + 1/2 (640) = 844°F

COnirection Section Lay-out

Let us select a convection section with eight 6.625 in. 0.D. tubes per row, .
12 inches spacing, staggered.

Gross width = (No. tubes/row + 1/2 tube/row) x tube spacing, in.

= (8 + 1/2) x 12 = 102 inches

Pree Width = Gross width ~ tube wall plane

=102 - 8 x 6 = 54 inches = 4.5 ft.

Free width area = Free width x exposed tube length
= 4.5 x 58.5

u 263.25 sq. ft.

Flue Gas Mass Velocity = G = Total Flue Gas Mass
' Free Width Area

= 94.2 1b/sec’ = .356 1b/sq.ft.sec.
263.25 sq. ft.

(Percissible flue gas mass velocity - .5 1b/sq.ft.sec. maximum)
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Film Transfer Correlation

For G = .356; 6~5/8" 0.D, & Gas Film Temp, = 844°F From Fig. 29

or hee = 2.14 (1) 0-28 Gaex)®6 = 2,14 (844+460)0-28 (:356)0+6
Dy 0.4 6.625 0.4

= 4.03 Btu/Hr Ft2°F

For Av. Gas Temp, = 11649F & Tube Wall Temp. = 624°F From Fig. 30
ber = 2.40 Btu/Hr. sq.ft. °F

For Ave. Tube Wall Temp. = 624°F From Fig. 31
Bey = 9.46 9.46 24+460 = 12.05
100 1000
then h . -403 + 240 +12.05 = 18.48 Btu/Hr sq.ft. °F

Row-to-Row Tube Spacing

For an equilateral convection section lay out we have:

a- = Row-to-Row tube spacing -J cos 30°
=12 x .866
12

= 866 ft.
f‘cw = tube area per row = two walls xg&x: ‘L, (exposed length)
| = 2 x 8.66 x 58.5 = 101.322 sq. ft.
A,y = tube area per row = No. tubes/row x area/tube
L x’ 58.5 x 1.734 = 811.512 sq.ft.

Convection Section h AN
Convection Factor -f- cw “ew

bee + Bey + hey A,

12.05 £101.322\ = 0.0817.
18,48 \811.512)




Overall-All Transfer Coefficient

Total Apparent Gas . ‘
Film Coefficient =h, = Q1 +‘f ) (hcc + hep)

he = (1 + ,0814) (4.03 + 2.40)

he = 6.95 Btu/Hr. sq.ft. °F

Intube Film Coefficient = he = K [CZ 1/3 Z ;14 Y g
D \K) \z, Z

Crude oil properties will be taken at an average temperature of 474°F

Crude 0il Properties:

API = 34.8 ' Charact. factor = 11.9
- K = ,0695 G = 214.42
D=6 in. C= ,68 x 1.005 = 6834
(z/z,) .14%21.0 _ Corrected by UOP K
8G. @ 474°F = 0.70 from UOP PD-194 factor according to
Z = .46 Centistokes @ 474°F UOP Chart F-1

Z= chls.c., *« Zop = 2 x S.G. = (.46)(.7) = .322 Centipoise

Modified Reynolds Number = DG/Zcp = (6)(214.42) 2 4000.

(.322)
, = 14800
*‘G)

From Equation (1)

h_, = (.0695) l}easz,)'(.szz)
ST ® T Cosesy

hci- (171.43)(1.4678) = 251.62 Btu/Hr.sq.ft. °F

1/3 3

@ 4800y = 171.42 (3.16621%

Convection Section

Over-All Transfer ,

Coefficient - Uc = he ghciz
h, + hci

Ue = (6.95) (251.62)

6.95 + 251,62
U, = 6.77 Btu/Hr. Sq.Ft. °F

For comparison, the approximate over-all coefficient from Fig. 32 1s 6,75
For 6-5/8" 0.D. & av. Gas Temp. = 1164°F




Convection‘Section Area

Convection section area is estimated from the usual heat-transfer equation:

A-IQ'C

¢ T, ()

A, = (72.12-2.07) x 106 Btu/Br. = 16176 Sq. Ft.
| 6.77 ___ Btu (640°F)
Hr.Sq.Ft. °F

Bumber of tubes = Convection area, ft2 = __ 16176 o, 160 tubes.
area/tube 58.5 x 1.734 ’

Number of rows = 160 tubes = 20 rows
" 8 tubes/row

20 rows are required or a total number of 160 tubes.

As we can see, 20 convection section rows are required to meet our remain-
ing ‘duty requirement, However, if we note the flow through our furnace we can
Eee”fhé heater inlet (convectidn;section‘inlet) and the convection section out-.
;et is on the same side of the furnace. The convection section outlet immediately
feeds ‘the radiant section inlet:on the same side. Since the radiant section has
17'tubes,per pass, the heater outlet (radiant section outlet) will exit the
bpposité‘side of the fﬁrnaée.

, Uhen‘thg.furnace inlet and outlet are on opposing sides, there is wasted pip-
ing more than one furnace length. To remedy this, we can either add another row
ofltﬁbeg or remove a row of tubes to have the terminals on the same side. An
additional row v1115increaée'the efficiency minutely since the LMID of the indiv-
1dua1‘ro§ will be relatively small, Similarly, the removal of one row will
aecreaqc‘the efficiency for the same reason. This increase in efficiency will
cause the furnace :offireléligbply’highér;_1nc1gasingjou:faveragg radiant £lux

minutely,
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FIGURE 8B
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FIGURESA
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FIGURE 10B
ALL RADIANT BOTTOM FIRED CENTERWALL
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FIGURE 11A
DOUBLE FIRED HEATER
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FIGURE 11B
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FIGURE 12
HELICAL COIL HEATER
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LY )

Flue Gas Recirculating Furnace with Air preheater
C=Commburstion chamber: {—Tube or heating chamber; P—=Flie to stack;
R¥==Recirculating fan; RD-=Recirculating gas distributing  duct; RS=m

Rexirculating fan snetion shuct; Pa=Air, preheater
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FIGURE 14b
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Farly open-flame bester with mof nuhes only Opea-flame heater with mof and wall cul:c."“".
+=0il inlet; O—Oil outlet; B—Burners

3==0il inlet; O—0Oil outlet; C—~Outsade crosscovers; Bewjlurners
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Fig. 19. Portially shiclded flame heater
=0if imlct; O=—Oil cwtlet; C—Outsidle cross-over; B—Rurners

Parly ¢ won-dealt cylindrical hester
F=0il ialer; O—=ONl outlet; C—Outside cromevers




FIGURE lé4c

10l inlet; OOl outket; CmOutside cros

Updratt cylindrical heater
—-Oil jnket; O—Oil outlct; BeBurner; P—Alr prcheater
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FIGURE 15
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FIGURE 16

CENTER-WALL UPDRAFT
CROSS SECTION

1. Stack 3" steel plate
ainimum thickness,

) 2. 13" insulation UOP
f ' Specification No, 292,
See Job 3. 18.8 stxinless steel

—
~ Specification m daxper and damper parts
’CD with positive manual -
- 2-way control from grade.
he 5" insulating concrete
UQP Specification No.
294 or No. 296,
5. 3/16" steel casing plate
. High duty regular type
~ firebrick AS™ C.27,
8.. High duty regular type
fireclay precast
burnsr blocks AS™M C.27,
9. Brick projections.
11. Peep otpenings (both ends)
See Job Specification
12, Access openings (both
ends) See Job Specifi-
cations, '
13. 13" thermocouple
‘eonnections (plugged)
See Job Specifications
lk. 1" stema smothering
connections., See Job
Specification,
15. Heater frame (buckstay).
16, Msehanite process HR-1
or alloy plate baffles.
17. 3/4" steam smothering
: connections, See Job
Specification
18, 5% reinforced heat
resisting concrete UCP
Specification No. 293.
21. OGas burners-See Job
Specification
23. 3" insulation UOP
Specification No. 2%h
or No. 296,
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FIGURE 17

END OR BOTTOM FIRED UPDRAFT

CROSS SECTION

1. Stack %'’ steel plate minimum
thickness.

2.'1%" insulation UOP Specifice-
tion No. 292.

3. 18-8 stainless steel damper
parts with positive manual
2-way control from grade.

4. 5" insulating concrete UOP
Specification No. 294, or No.
296.

5. 3/16" steel casing plate.

8. High duty regular type firebrick
ASTM C-27.

11. Peep openings (both ends)

See Job Specification.

12. Access openings (both ends)
See Job Specification.

13. 1%" thermocouple connections
(plugged) See Job Specification.

14. 1" steam emothering connec-
tions. See Job Specification.

Q 15. Heater frame (buckstay)

16. Meehenite process HR-1 or
alloy plate baffles.

18. 5’° reinforced heat resisting
concrete UOP Specification
No. 293.

23. 3" insulation UOP Specifica-

" tiom No. 294 or No. 296.

24. Burners — See Job Specification
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FIGURE 18

BASIC TYPES OF PROCESS HEATERS
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FIGURE 19
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FIGURE 21
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TABLE I
FIGURE 22a

MEAN LENGTH OF RADIANT BEAMS IN VARIOUS GAS (FURNACE) SHAPES

Dimensional Ratios
(length, width, height in
_any order or diameter (d), feet) Length of Beam, Feet

Rectangular Furnaces:

1:1:1 to 1:1:3 2/3 e/ furnace volume
1:2:1 to 1:2:4 2/3 \"/furnace volume
1:1:4 to 1l:l:w 1.0 x (sinaliest dimension)
1:2:5 to 1:2:8 1.3 x (smallest dimension)
1:3:3 to 1liw:e 1.8 x (smallest dimension)

Cylindrical Furnaces:
dxad 2/3 x (diameter)

d x2d to d x =d 1.0 x (diameter)




FIGURE 23a
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FIGURE 23b
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FIGURE 23c¢
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FIGURE 2%
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FIGURE 25a
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'FIGURE 25b
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'FIGURE 25c
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F-lsure 25¢
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( TO ¢ TUBE SPACING / TUBE 0D

Curves

1. Double row against wall triangular spacing.

2. Double row with equal radiation from both sides. Two
- diameters between rows (tubes are spaced equilaterally).

3. Single row against wall.

4. Single row with equal radiation from both sides.

Explanatory Notes
1. These curves are valid when used with a tube center to
refractory wall spacing of one and one-half times the nominal

tube diameter involved. Any appreciable variation from this
spacing must be given special consideration.

2. These curves do not consider convection heat transfer to
the tubes, circumferential heat transfer by conduction in the
tube wall, or variations in heat flux in different zones of the

3. These curves are based on the work of H. C. Hottel.

f.atio of Maximum Local to Average Heat Fiux




FIGURE 26a
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FIGURE 26b
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FIGURE 26¢
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FIGURE 26d
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‘TOTAL FLUEGAS, LB/MMBTU NET RELEASE
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CONVECTION COEFFICIENT, BTU/HR, SQ FT, °F

FIGURE 29
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AS-RADIATION COEFFICIENT, BTU/HR, SQ FT, °F
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C”ERALL HEAT-TRANSFER COEFFICIENT, BTU/HR, SQ FT, °F

FIGURE 32
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DENSITY AT SEA | EVEL, LB/CU FT

FIGURE 33
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DRAFT PER 190 FT OF HEIGHT, INCHES OF WATER

FIGURE 34
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TABLE 2

{'VEL OIL
FURNACE EFFICIENCY
WITHOUT AIR PREHFATER
nue B.T.U, B.T.U. PURNACE
CAS PER LB, PER LB EFFICIENCY
TEMP, °p FLUE CAS FUEL PER CENT
40% EXCESS AIR - 20.83 LB. FLUE GAS PER LB, FUEL

500 114.1 2377 83.12
550 122.7 2660 81,47
600 141.4 2945 79.81
650 155.1 3231 78.14
700 168.8 3516 76.47
750 182.6 3804 74,79
800 196.4 4091 73.12
850 210.5 4385 71.40
900 224,5 4626 €9.70
950 238.7 4972 67.97
1000 253.0 5270 66.23
1050 267.3 5568 64.50

1100 281.7 5868 62,74
1150 296.3 6172 60.97
1200 311.0 6478 59.18
1250 325.9 6788 57.37
1300 340,9 7101 55.55
1350 355.9 7613 $3.72
140C 370.9 7726 51,80
1450 386.0 8040 50,06
1500 401,3 8359. 48,20

PASIS
FUZL: 10° A.P,I, FUEL OIL, 17,130 B.T.U, PER LB, LOWER HEATING

NO AIR PREMEATER:

VALDE,
AIR AT 50% RELATIVE HUMIDITY AND 60° FAHR,

RADIATION LOSS: 3,007 OF TOTAL HEAT LIBERATED BY FUEL,
STEAM FOR ATOMIZATION OF FUEL: 0,30 LB, PER LB, OF FUEL,

CARBON 85.0%2 BY WEIGHT OXYGEN C.74 BY WEIGKT

JUEL OIL ANALYSIS

EYDROGEN 12,02 " " NITROGEN 0.,8%2 * "
SULPHUR 1.5z " -




FIGURE 35
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Charge to Heater:

BPSD
Lb/Hr
OaP1
We. 28

Temperatures, °F

Inlet
Outlet

Outlet Pressure, PSIG

Vaporizatioa at Outlet,

we. 2
Vapor, M.W.

Beater Duty, 106
' Btu/Hr

Assumptions

FIGURE 38a

LICENSEES' TRAINING COURSE

HEATER DUTIES
Crude Stabilizer Reboiler Heater
Heater ‘Summer Operation - Winter Operation
Crude Gasoline Gasoline
99,900 69,425 88,200
1,240,000 744,600 946 100
34.8 60.5 61.5
0.56 0.13 0.13
490 350 390
685 365 410
15 150 250
55.0 35 -35
1312.4 98.8 €..7
237.92 37.22 42,52

Fuel 0il Firing @ 30% Excess Air
‘Stack Flue Gas Approach 300°F
Bare Tube Convection Section




L FIGURE 38b
O PROCESS o1vision
DISTILLATION CHART
CUSTOMER Licensee's Training Course PAGE NO
SUBJECT Redwater Crude - Flash Curves DATE
PROJECT 6626
' I— BY JNW
900 e e REE =T 900
800 - = 800
g
V.
; PHESE :
700 ﬁ} y L¢3 700
o A
600 p 600
-t
m
z
500 500
b o]
d >
g
, S
. m
' m
400 - . 400 0
4 n
300 . 300
200 200
¥ '
100 100
1
!
0 1 l ‘ i o
o 10 20 30 40 50 60 70 &0 90 100

VOLUME PFR CFNT DISTIHH LFD




FIGURE 39

v 91 00St

0041,

oen~:

00zt
] EENE e

B
BN SR

00110001 8 L




FIGURE 40a
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FIGURE 41

AIR-FUEL AND FLUE GAS-FUEL RATIOS

OIL
PERCENT IR
EXCESS u%'.‘izn 18,
©AIR FUEL
[ 13.95
s 14,65
10 15.34
15 16,04
20 16.74
25 12,44
30 18.13
35 18.83
40 19.53
&5 20,23
S0 20,92
(1] 21.62
60 22,32
6s 23.02
70 23.72
75 24,41
8¢ 25.11
8s 25.81
90 26.50
9 27.20
10C 27.50
105 28,59
11c¢ 29,29
11 29,99
120 30.69
12 30.38
13: 32,78
140 33,48
147 34,18
15, 34,07
¥JEL OIL ANALYSIS
CARBON 85.07 BY WEIGHT
EYDROGEN 12,0% "
‘UL?BUR lod& f" »
OXYCEN 0T " ™
WITROGEN 0.8 " =

‘PERPECT COMBUSTION ASSUMED,
STEAM FOR ATOMIZATION OF FUEL: 0.30 LB. PER LB, FULL
AIR AT 50% RELATIVE HUMIDITY AND 60° FAHR,

LOVER HEATING VALUE = 17,130 Btu/Lb

YLUE CAS
LB, PER 1B,

15,25
15.95
16.64
17,34
18,04
18,74
19.43
20,13
20,83
21,53
22,22
22,92
23.62
<4,32
25,02
25,71
26,41
27.11
27.80
¢8.50
29,20
29,89
20,59
31.29
31,99
32,68
<3.38
34,08
<4.78
3,48
36.17




FIGURE 42
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TABLE 4

Typical Design Heat Absorption Rates
Average for Radiant Section
For 20 x 10° and Greater

Average Heat Abs.

Service BTU/Hour/Sq. Ft.
Crude 0il Distillation 12,000
Vacuum Distillation 8,000 - 10,000
Reboiling 10,000 - 12,000
Lube 0il Solvent §,000
Propane Deasphalting 9,000
Catalytic Reforming 11,000 -~ 13,000
Hot 01il Belt 12,000
Black Oil Cracking 1C,000 - 12,000
Fluid Catalytic Feed 12,000
Hydro-Treating 10,000 - 12,500

Pipe Line Heatin 10,000






